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ABSTRACT

3-D NUMERICAL SIMULATION OF REACTIVE EXTRUSION
AND ITS APPLICATION TO POLYMERIZATION OF c-CAPROLACTONE

IN CO-ROTATING TWIN-SCREW EXTRUDERS

by
Linjie Zhu

A 3-D numerical simulation model was proposed to predict the polymerization of s-

caprolactone in fully-filled conveying elements and kneading blocks of co-rotating twin-

screw extruders, in which the kinetics equation for polymerization is coupled with

continuity equation, momentum equation, and energy equation. With the 3-D model,

parametric studies have been carried out to investigate the effects of screw

configurations, screw diameter, operational conditions, values of heat from reaction,

initiator concentration, and heat transfer conditions at barrel surface upon the

polymerization progress. Two simulation models for the polymerization in the partially-

filled channels were developed based on the conveying mechanisms of the reaction

system in the screw channels. Finally, a global model for reactive extrusion was

proposed, combining the models for the fully-filled screw elements and the partially-

filled channels.

The predicted conversion ratios at the die based on the 3-D model agree well with

the experimental results from the literature, indicating that the proposed 3-D model for

polymerization in twin-screw extruders is reliable. Three indices, i.e. flux-mixing

coefficient, temperature mixing coefficient, and conversion ratio mixing coefficient, are

defined for the first time to evaluate the axial mixing during reactive extrusion.



Moreover, transverse mixing is characterized with the ratio of pressure flow rate to net

flow rate in axial cross sections.

The simulation results based on the 3-D model indicate that the polymerization of

caprolactone in screw elements depends not only on the mixing mechanism and flow

behavior, but also on the heat generation in the reaction system and the heat transfer at

the barrel surfaces. It is proposed that the optimization of polymerization in twin-screw

extruders can be achieved by matching the flow and mixing mechanisms with the energy

generation and energy loss. The application of 1-D model, a commonly used method in

the simulation of reactive extrusion, in predicting the polymerization progress in reactive

extrusion is acceptable only under certain conditions, such as a small screw diameter, a

short fully-filled length, a low screw rotating speed, and a small heat from reaction.

The investigation in scaling up polymerization in twin-screw extruders with the 3-

D model reveals that the polymerization is completed in shorter screw length (in unit of

screw diameter) with increasing screw diameter, due to the non-uniformity in temperature

in large extruders. The optimizations of screw configurations, operational conditions, and

cooling systems are extremely important to the polymerization in large machines, in

which 3-D model is a valuable tool.
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CHAPTER 1

INTRODUCTION TO SIMULATION OF REACTIVE EXTRUSION

Reactive extrusion refers to the application of screw extruders as chemical reactors to

deliberately perform chemical reactions, such as polymerization and chemical

modification of polymers (1-3). This chapter gives a brief introduction to the structures of

intermeshing co-rotating twin-screw extruders, features of reactive extrusion, and

literature review of numerical simulation in reactive extrusion.

1.1 Co-rotating Twin-screw Extruder

As an important part of processing technology, the twin-screw extruder has a variety of

geometries. The main geometrical features that distinguish various twin-screw extruders

are the sense of rotation and the degree of intermeshing between two screws (4-9). There

are three basic categories of twin-screw extruders nowadays, i.e. intermeshing co-rotating

twin-screw extruder, intermeshing counter-rotating twin-screw extruder, and non-

intermeshing counter-rotating twin-screw extruder.

Co-rotating intermeshing twin-screw extruders (CRTSEs) are the most important

twin-screw machines. They are typically offered in modular screw and barrel designs

(Figure 1.1), which allow for economical manufacturing as well as versatile mechanical

configurations and operating conditions, dictated by the processing needs. Such design

characteristics make CRTSEs a valuable part of manufacturing processes in the polymer,

chemical, and food industries. However, the flexibilities in modular designs and

operating condition selections can lead the inexperienced process engineer down the
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wrong path. Therefore, to complete a complicated processing task successfully, a well-

defined and focused approach to the problem must be pursued (10). This is the reason

why lots of research efforts have been carried out to understand the conveying, melting

and mixing mechanisms in CRTSEs in the last decades.

Figure 1.1 Schematic diagram for co-rotating twin-screw extruders.

There are two basic types of screw elements in co-rotating twin screw extruders:

conveying elements and kneading blocks. The cross section of a conveying element is

exactly the same as a kneading block. Figure 1.2 shows the typical cross section curves

for a co-rotating twin screw extruder, in which the radius p(0) is given as (11-12):
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where CL is the centerline distance; R I, is the screw tip radius, and Rs the screw root

radius. a is the tip angle, defined as:

The difference in geometries between conveying elements and kneading blocks is

as follows: the conveying element is constructed by propagating the cross sectional curve

(described in Equation 1.1) continuously along a helix, as shown in Figure 1.3a; the

kneading blocks are built with a certain number of kneading discs at a constant stagger

angle, in which the kneading disc is extruded from the cross sectional curve (with a zero

helical angle) at a certain thickness. For instance, Figure 1.3b exhibits the configuration

of a kneading block built by 4 pieces of kneading discs at a stagger angle of 60°.

The flow of polymer melt in screw channels can be described by a simplified

equation:
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in which B is the net flow rate, and Bd the drag flow rate; Bp  is the pressure flow rate and

BL the leaking flow rate. Three terms on the right side of Equation 1.2b are the

expressions for Bd, Bp and BL, respectively, where X, and are constants depending on

the screw geometry (12). N is the screw rotational speed, and AP the pressure difference

between the inlet and outlet of the screw element. i is the viscosity of the polymer melt.

For conveying elements, the screw pitch is an important parameter. Elements with

high pitch have large drag flow capacity, but low ability to build pressure along the axial

length. Consequently, high pitch element might typically be used in feeding or

devolatilization zones of extruders, and narrow pitch elements in areas where compaction

of materials and 100% fill are desired (10).

Kneading blocks are generally characterized with total length, number of discs,

and stagger angle. The conveying capacity of kneading blocks depends on the stagger

angle and width of kneading disc. When the stagger angle is less than 90° (i.e. forward

kneading block), the elements have a positive conveying capacity. The conveying

capacity becomes zero at a stagger angle of 90° (i.e. neutral kneading block), and
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becomes negative when the stagger angle is larger than 90° (i.e. reversed kneading

block). Due to the discontinuity of the geometry, kneading blocks have larger leaking

flow than conveying elements. Accordingly, the conveying capacity in kneading blocks is

usually lower than conveying elements. However, the mixing capacity of kneading

blocks is enhanced due to the leaking flow.

The modular design of screws is achieved by mounting the screw elements, say,

conveying elements and kneading blocks, on a shaft (Figure 1.1). Because various screw

elements have different conveying and mixing capacities, the change of the sequence of

elements along the axial length might result in a totally different flow behavior of

polymers in the extruder. Consequently, in twin-screw extrusion, a specific process

should use a unique screw configuration, in order to enhance the quality and reduce the

cost of the product.

1.2 Reactive Extrusion

In a reactive extrusion, the synthesis or modification of a polymeric material takes place

simultaneously with the processing and shaping of a final product. This is an efficient

method for continuous polymerization of monomers and chemical modification of

existing polymers, and is viewed as a complex reaction engineering process that

combines the traditionally separated operations, i.e., polymer chemistry (polymerization

or chemical modification) and extrusion (blending, compounding, structuring,

devolatilization, and eventually shaping), into a single process in a screw extruder (1-3,

15). Chemical reactions, such as bulk polymerization, graft reaction, inter-chain

copolymer formation, coupling/crosslinking reactions, controlled degradation,



6

functionalization, and reactive blending, have been performed successfully with reactive

extrusion (1-3, 13-14).

Extruders have been found very attractive for many reactive processing

applications because of several inherent features. Compared with other chemical reactors,

say, a continuous stirred tank reactor (CSTR), a twin-screw extruder reactor has the

following advantages (2, 7, 9, 15-16):

• Bulk reactions involving both low and high viscous reactants.

• Staging of sequential unit operations.

• Removal of unreacted monomers and by-product.

• Modular screw and barrel design and self-wiping structure.

• Control over residence time distribution.

• Excellent dispersive and distributive mixing.

• Continuous processing.

• A flexible process for low-tonnage trial or production.

• Reaction under pressure and temperature control.

However, the inherent feature of extruders also brings limitations to reaction

processing, such as difficulty in handling large heat from reaction, and high cost for long

reaction time. Furthermore, in reactive extrusion, a unique screw and barrel configuration

(or design) is required for a specific reaction. In contrast, the same continuous stirred tank

reactor can be used for a wide range of chemical reactions in solution. This suggests that

it is of great value to investigate the effect of screw configurations, operating conditions

and machine size on reactive processing.
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1.3 Literature Review of Simulation of Reactive Extrusion
in Twin-screw Extruders

Computer-aided simulation of polymer flow in extruders not only constitutes a key aid in

improving the quality of products by optimizing the processing conditions, but also offers

an effective way to reduce the cost. Furthermore, it gives access to data and information

relevant to the process which is difficult to get, or indeed not available at all, by

experiments.

So far, there are very limited literatures on the simulation of reactive extrusion

due to the complex nature of the twin-screw extruder and reaction process, although the

modeling of reactive extrusion has been investigated since the 197Os. However, the

papers published in the 197Os (17-22) generally focused on the flow in a "flooding fed"

single screw extruder with constant screw design along the axial length. This is different

from the case of co-rotating twin-screw extruders, in which the screw channel is not

necessarily fully filled, and the screw is built with elements in different geometries.

The mechanisms of reactive extrusion can be generally combined into three main

groups, such as flow and mixing behavior, heat generation and transfer, and reaction (23).

These factors interact with each other, as shown in Figure 1.4. The flow behavior of

polymer melt in the extruder determines the degree of fill in screw channels, mixing

intensity in melt, and residence time (or residence time distribution), thus affecting the

heat transfer behavior and reaction rate. On the other hand, reaction and heat transfer

influence the flow of melt in the screw channel, because the thermal and chemical

conditions of the melt determine the rheological properties and flow characteristics.

Furthermore, heat transfer and reaction interact with each other; the reaction rate and

reaction equilibrium depend on temperature, whereas the dissipation heat, and reaction
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heat, change the thermal state of the reaction system. As a whole, these factors determine

the performance of the extruder and the quality of the products.

Figure 1.4 Factors in reactive extrusion (23).

Basically, the numerical simulation of reactive extrusion should at least include

the following three parts:

• Solver for Continuity equation and Momentum equation;

• Solver for Energy equation;

• Solver for Kinetic equations of reaction;

Another important step in the numerical simulation is how to cope with the

complex geometry of twin-screw extruders. Currently, a variety of modeling methods

have been developed, in which different techniques are employed to solve the differential

equations, and to describe the screw geometries.
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1.3.1 General Procedure for Simulation of Reactive Extrusion

It is known that twin-screw extruders are operated with starve feeding. That is, the screw

channel in twin-screw extruders is not essentially fully filled. Accordingly, the degree of

fill is introduced to evaluate the distribution of materials along the screw channels in

twin-screw extruders:

in which c represents the degree of fill. B is the volumetric flow rate (m 3/s), and Qdmax the

maximum drag flow capacity of the screw element. When the channel is fully filled, E

equals 1.

Generally, a reversed procedure, i.e. from the die to the feeding port (see Figure

1.1), is used to predict the flow characteristics of polymer melt inside the extruder,

because the degree of fill along the screw length is unknown a priori. In the simulation,

the die and the reversed screw elements are always assumed to be fully filled. Thus, the

pressure gradient at the upstream of these elements can be determined. The general

procedures for the simulation of reaction in twin-screw extruders are summarized as

follows:

1. The pressure at the die entrance is first calculated after assuming a melt temperature

at the die exit, because it is always fully filled.

2. Next, an isothermal approximation is used to determine the location of fill and

starvation along the screw axis, from the die to the feeding port. The mean residence

time is calculated based on the degree of fill.

3. A non-isothermal calculation is carried out to obtain the temperature rise forwardly

along the screw length (from the feeding port to the die).
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4. The reaction in each screw element is calculated forwardly, based on the

temperature rise and residence time. The viscosity of melt might be adjusted due to

the variations in the degree of reaction, temperature, and shear rate.

5. At the die exit, a new melt temperature is calculated. If this new temperature is

different from the presumed one, an iterative procedure is applied, i.e. repeating the

previous three steps. The iteration stops when convergence is achieved.

1.3.2 Simulation Techniques in Reactive Extrusion

In the literatures, various techniques have been introduced to get the velocity and

pressure profiles, to calculate the temperature rise, and to solve the kinetics equation,

which are described as follows.

1.3.2.1 Calculation of Velocity and Pressure Profiles. Currently, three techniques

are employed in the calculation of velocity and pressure profiles along the screw:

I. Unwrapped screw channel model, in work of Michaeli, et ad (23-24)

The model developed for the conventional single screw extruder is used for describing

the flow in co-rotating twin-screw extruders.

2. 1-D channel model, in work of Vergnes, et al. (25-28)

A cylindrical coordinate is used in the analysis of the flow in screw channels, in which

the channel section is perpendicular to the screw flights. The screw channel is considered

as a succession of C-shaped chambers and the intermeshing area.

3. 2-D FAN method, in work of Fukuoka (29-30) and White (31-35)

The FAN method has been employed to analyze a two-dimensional flow field in

conveying elements and kneading blocks of co-rotating twin-screw extruders, after
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unwinding the screw channels into a flat plane. Accordingly, the pressure and velocity

profiles are determined.

1.3.2.2 Modeling of Temperature Profile. In the literature, one-dimensional method

(i.e. 1-D model) has been used in calculating the temperature rise along the screw channel

(23-35). The temperature is assumed to have a uniform distribution at the axial cross

section, and varies along the axial length only. The average shear rate is applied in the

calculation of viscous dissipation. The heat transfer between polymer melt and walls

(barrel and screw surfaces) is given as:

in which hb and Bs are heat transfer coefficients at barrel and screw surfaces. I f  is the

mean temperature of polymer melt; Tb and Ts are barrel and screw temperatures,

respectively. Considering the fact that the reaction is very sensitive to temperature,

modeling of temperature based on the 1-D model might not give correct results in the

simulation of reaction extrusion. This is discussed in detail in Chapter 2.

1.3.2.3 Solution of Kinetics Equations of Reaction. Chemical reaction is usually

characterized with kinetics equation, which describes the relationship between reaction

rate, temperature and time. In the extruder, the degree of reaction differs from location to

location along the screw channel, and can be given as:

in which rr stands for the degree of reaction, X, Y and Z are x-, y- and z-coordinates of

the location in the screw channel. In the literature, the kinetics equation of reaction in

twin-screw extruders is usually solved by four methods:
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1. Ideal mixing model (23-33, 35)

It is assumed that ideal mixing (complete mixing) is achieved in the cross sections

(perpendicular to the flow direction). That is, the degree of reaction is identical at any

locations in the cross section. Consequently, the degree of reaction changes only along

the flow direction, and Equation 1.5 is simplified to be:

Equation 1.6 indicates that 1-D model could be introduced when ideal mixing is achieved

at the cross sections. Obviously, 1-D model would largely simplify the calculation

procedure in the simulation. This method is the most commonly used approach in the

simulation of reactive extrusion, such as in the studies of Michaeli (23-24), Vergnes (25-

28), Fukuoka (29-30) and White (31-33, 35).

2. Residence time distribution model (23, 36-37)

The calculation of the degree of reaction is based on the residence time distribution in the

extruder. In this model, the residence time distribution during extrusion is first obtained

by experiments or simulation. Then, reactions in the extruder are modeled as a series of

reactors, for example, a series of continuous stirred tank reactors (CSTRs). In the work of

Michaeli et al. (23), polymerizations of nylon 6 and polystyrene in twin-screw extruders

were simulated with the model of cascade of CSTRs and the pipe model (i.e. 1-D model),

respectively. It was found that the pipe model gave much higher conversion than those

from experiments, whereas the conversion based on the model of cascade of CSTRs

could be close to the experimental data. However, the simulation results depend on the

number of tank reactors in the model of cascade of CSTRs.
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3. Composite reactor model (35)

In the studies of White et al. (35), different reactor models were used to describe the

transesterification of ethylene vinyl acetate copolymer in various screw elements of a co-

rotating twin-screw extruder. That is, the conveying section was regarded as drag flow

reactors (DFRs), the kneading blocks as continuous stirred tank reactors (CSTRs), and

the die as plug flow reactors (i.e. 1-D model). Furthermore, the starved flow and fully-

filled flow were distinguished in the modeling. In our previous studies (38-39), the

polymerization of E-caprolactone in a screw channel was simulated with a 2-D channel

model, and the effects of radial mixing on reaction were considered. It was found that the

simulation method, 1-D model or 2-D model, has a significant effect on the simulation

results. With increasing radial mixing in the channel, the results from 2-D model

approach those from the 1-D model.

4. 3-D model for degradation of polypropylene (40-41)

Recently, Tzoganakis et al. (40-41) used a commercial fluid dynamic analysis package

(FIDAP) to investigate the degradation of polypropylene in conveying elements of a co-

rotating twin-screw extruder, and in channels of a single screw extruder. It was found that

effects of both screw speed and peroxide distribution on reaction are negligible, but the

pressure-to-drag flow ratio has a significant influence on degradation. Their work also

suggests that it is feasible to carry out the simulation of reaction in extruders with a 3-D

model.
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1.4 Conclusions

Reactive extrusion is an efficient method for continuous polymerization of monomers

and chemical modification of existing polymers. Co-rotating twin-screw extruders have

been found suitable for reactive extrusions due to their inherent advantages. The flow of

polymer melt in twin-screw extruders is very complex, due to the complex geometries of

the extruder, variable properties of polymer melt and complex reaction kinetics.

Computer-aided simulation is an important method in optimizing the reaction progression

in extruders. Because the reaction is sensitive to temperature and residence time (or

residence time distribution), simulation techniques in modeling of reactive extrusion

affect the simulation results. Currently, 1-D model is commonly used in predicting the

temperature rise and degree of reaction along the screw length in the simulation of

reactive extrusion. However, 1-D model is a simplified method, which does not represent

the realistic situation in extruders. Some work should be carried out to improve these

techniques. This was the motivation and starting point of the current study.



CHAPTER 2

MOTIVATION AND OBJECTIVES

As discussed in Chapter 1, 1-D model is currently the main method used in predicting the

temperature profile and reaction progression in the simulation of reactive extrusion. The

main advantage of 1-D model is that it makes the simulation simple and easy. However,

the phenomena described by 1-D model are different from the realistic conditions in

reactive extrusion. In this chapter, the motivation and objectives of the current study are

presented following the discussion on the characteristics of 1-D model and its

disadvantages.

2.1 One-Dimensional Channel Model

The most important feature of a 1-D channel model is that the temperature and the degree

of reaction in extruders change only along the screw length. At any locations in the axial

cross section (Plane X-Y in Figure 2.1), temperature of polymeric liquid is uniform, so is

the degree of reaction. Consequently, the temperature and degree of reaction in extruders

is given as:

where T and C stand for temperature and degree of reaction, respectively. Z is the axial

distance along the screw length, as shown in Figure 2.1.

It is known that the channel depth is not uniform along the inner periphery of the

barrel surface, as shown with symbol h in Figure 2.2. Accordingly, the shear rate in

15
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molten polymer induced by the rotating screws will differ from location to location in the

axial cross section, which would result in different viscous dissipation. On the other hand,

in twin-screw extruders, most of the over-heated energy in polymer melt is transferred

out through the barrel surface. The variation in channel depths would cause non-uniform

temperature gradients in the melt.

Figure 2.2 Non-uniformities in energy and shear at an axial cross section of a twin-screw
extruder.
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When the dimension of the machine is considered, the non-uniformity of

temperature in the axial cross section would become much pronounced in the large

machines. The reasons are two-fold. Firstly, the depth of screw channel rises with

increasing machine size, and as discussed in the preceding paragraph, the non-

uniformities in shear rates and temperature gradients would increase. Secondly, the ratio

of the surface area of barrel to the channel volume decreases when the dimension of the

screw is increased, which makes it difficult to release the dissipated energy (due to

viscous heating) through the barrel surface.

In order to discuss the effect of temperature distribution on reaction, the energy

balance during polymerization in extruders is summarized in Figure 2.3. It shows that an

increase in temperature would lead to three possible scenarios (shown as 1 through 3):

1. A rise in temperature raises the degree of polymerization, which releases large

exothermal heat from reaction, causing an increase in temperature;

2. The enhancement in the degree of polymerization means the increase in molecular

weight and viscosity, which could reduce the heat loss through the wall surface (by

convection); consequently, the temperature of the reaction system rises;

3. The increase in system viscosity raises the viscous dissipation, which, in turn,

increases the temperature.

The above scenarios suggest that, in a fluid element, a small initial increase in

temperature might lead to a large temperature increase, because of the increase in

exothermal heat from reaction and viscous dissipation, and the decrease in heat loss

through the wall. This implies that the degree of reaction cannot be homogeneous at the

axial cross sections of the extruder because the temperature is not uniform there.
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Furthermore, the non-uniformity in the degree of reaction could be more significant than

that in temperature (As described in the next chapter, the degree of reaction is an

exponential function of temperature). This suggests that 1-D model does not represent the

realistic conditions in reactive extrusion, and the simulation results based on the latter

would be different from the real situations, especially when the reaction heat is large, or

the viscosity of the reaction system is high, or the machine size is large.

Moreover, in 1-D model, the temperature rise along the axial length (i.e. Z

direction in Figure 2.1) can be given as:

when the screw surface is assumed to have an adiabatic heat transfer condition. hb is the

heat transfer coefficient at the barrel surface. Tb and 1f are barrel temperature and

averaged fluid temperature. Sb is the barrel surface area, and Q the volumetric flow rate.
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p and Cps are density and specific heat of the reaction system. A vis and Qr are viscous

dissipation and reaction heat, respectively. Obviously, the value of the heat transfer

coefficient at barrel surfaces, hb, has a significant effect on temperature rise, and, thus, on

the degree of reaction in the simulation.

It is known that the heat transfer in twin-screw extruders is a very complex

problem. Although a comprehensive study of this problem was carried out by Todd more

than ten years ago (42), there are very few recent studies done in this area (43-45). For a

non-reaction system, most of the reported studies used Todd's empirical equation to

calculate the temperature rise along the screw length. For reactive extrusion, there are no

good criteria for the selection of the heat transfer coefficient, and no numerical simulation

has been carried out yet in this area. Michaeli's investigation (23) shows that the melt

temperatures calculated based on the heat transfer coefficient from Todd's empirical

equation are lower for the synthesis of nylon and higher for the synthesizing of

polystyrene than the measured values. This is interpreted by the authors (23) in terms of

the heat supplied to the system. More specifically, the heat supply for the thermally

initiated caprolactam polymerization and the heat removal for the highly exothermic

styrene polymerization are not exactly described by Todd's equation. This suggests that

heat transfer in the reactive system is different from that in the non-reaction system. For

this reason, it is necessary to carry out some studies to investigate the heat transfer

mechanisms in a reactive extrusion process.
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2.2 Objectives of the Study

In light of the above discussed issues related to 1-D and 2-D models for simulation of

reactive extrusion, the following objectives have been set out:

1. To develop a 3-D model for the simulation of polymerization in fully-filled screw

elements of co-rotating twin-screw extruders, in which the kinetics equation of

polymerization is coupled with continuity equation, momentum equation and energy

equation.

2. To investigate the effects of geometries of screw elements, operation conditions,

screw diameters, and initiator concentrations of the reactive system upon polymerization

parametrically, based on the 3-D model, in order to find out the dominant factors in

reactive extrusion;

3. To study the effect of scale-up on reaction with the 3-D model;

4. To explore the heat transfer mechanisms in reactive extrusion;

5. To propose a method to predict the reaction in partially-filled screw channels, on the

basis of the simulation results from 3-D model in the fully-filled zones;

6. To predict the global progression of polymerization in a co-rotating twin-screw

extruder; and to compare the numerical simulation results with experimental data from

literatures.



CHAPTER 3

THEORETICAL MODEL AND COMPUTATIONAL TECHNIQUES

This chapter focuses on the theories and computational techniques used in the current

study, which includes three sections. The first two sections describe the model system

and the governing equations employed in the simulation; the last section presents the

computational techniques in the numerical simulation.

3.1 Model System

Poly-caprolactone is a biodegradable thermoplastic polymer, which has good water, oil,

solvent and chlorine resistance, low melting point and low viscosity. It is widely used in

adhesives, building and construction, films, automotive industry, and medical

applications. In this study, polymerization of c-caprolactone was selected as a model

system. The information required in the numerical simulation of polymerization of

E-caprolactone, such as kinetic equation of polymerization, rheological model, and heat

generation from reaction, as presented in this section, was obtained from the experimental

studies of Gimenez (46) and Vergnes (25).

3.1.1 Kinetics Equation for Polymerization of c-caprolactone (46)

Several studies have been carried out focusing on the polymerization of s-caprolactone in

bulk or in solution. A living mechanism is observed when the polymerization is initiated

and catalyzed by titanium tetrapropoxide, a family member of organo-metallic

compounds (25, 46-51). The polymerization is described as a two-step "coordination-
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insertion" mechanism, in which lactone first forms a complex with the initiator, and then

inserts itself into the titanium-alkoxide bond, as shown in Figure 3.1.

Figure 3.1 Coordination-insertion mechanisms in polymerization of s-caprolactone (46).

In Gimenez's experimental studies (46), polymerization of s-caprolactone was

carried out in a Rheometrics RMS 800 rheometer with parallel plate geometry, at

temperatures in a range of 100 — 160 °C. During the polymerization, the samples were

taken manually from the rheometer and dipped into a solvent; the molecular weight

distribution, and conversion ratio (degree of reaction), were then analyzed by size

exclusion chromatography (SEC), and 1 H nuclear magnetic resonance (NMR),

respectively. It was found that the variations of the monomer concentration could be

described by the first order equation:



where, a, the partial order related to the initiator, is 3.25; E a, the activation energy, is

9.26 kJ/mol. [Mm and [Ir mo are monomer and initiator concentration, respectively. R is the

universal gas constant, and t the reaction time. Vergnes's work (25) showed that the

partial order, a, would depend on the reaction temperature. Typically, a is 2.74 at 100°C,

and 3.25 at 140 °C.

The value of [MV[Im quantifies the concentration of the initiator, [Ir mo, because the

polymerization is carried out without solvent. The initiator concentration [Ir mo(mol/1) can

be calculated from:

where mm and pm are the molecular weight and density of caprolactone; mid and p i are

the molecular weight and density of the initiator; r is the ratio of monomer to initiator

concentration ([MV[Im.). Table 3.1 lists the relationship between initiator concentration

[Im„ and the value of [Min, according to Equation 3.2.

The progression of polymerization is usually characterized with the conversion

ratio, C, which is defined as:



where [Mm and [MSc, are the monomer concentration (during polymerization) and the

initial monomer concentration, respectively.

Based on Equations 3.3 and 3.1, the conversion ratio during polymerization can

be given by:

Figure 3.2 shows the relationship between conversion ratio, reaction temperature

and time, based on Equation 3.6, when a = 3.25 (as in Equation 3.1b). The solid curves

represent the increase in conversion ratio versus reaction time at constant temperatures

during reaction (isothermal curves). It shows that with increasing temperature, conversion

ratio has a fast increase; the time to complete polymerization drops significantly at high

temperature. The dashed curve demonstrates the conversion ratio profile, assuming that

the temperature has a linear increase with time from 80 to 130°C during polymerization.

It is seen that the trend of conversion ratio vs. time under a non-isothermal condition

differs significantly from that under isothermal conditions. Considering the fact that large

exothermic reaction heat is released during the polymerization of s-caprolactone, the
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increase in conversion ratio in a processing device, say, a twin-screw extruder, can not be

described by an isothermal equation.

Figure 3.2 Increase of conversion ratio at different temperatures.

Another important factor for the polymerization is the shearing and premixing

conditions of the reaction mixtures before they are fed into the extruder, which was also

studied by Vergnes et. al (25). In their experiments, two samples of the reaction mixture

were collected: one from the bottle containing the reactive mixture, the other from the

injection pipe (connected to extruder) after the pump. Rheological characteristics of these

two samples during polymerization were investigated at 100°C and 140°C, respectively,

as shown in Figure 3.3. These data indicate that the effect of premixing on

polymerization is small, although it becomes more significant at 100°C than at 140°C.

This suggests that it is acceptable to assume an ideal mixing between monomer and

initiator in the numerical simulation.



3.1.2 Molecular Weight During Polymerization

Experimental data (46) show that the length of polymer chain depends directly upon the

ratio MAW High ratio would result in large weight averaged molecular weight. When

[MV[I]o is in a range of 100-1500, a global linear equation can be used to describe the

relationship between weight averaged molecular weight and conversion ratio:

where Mob  is the molecular weight of E-caprolactone; K[miimo depends only on [MV[I]o

when the temperature is in a range from 100°C to 160 °C, and may be expressed in the

from:
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3.1.3 The Viscosity Model

The numerical simulation of reactive extrusion requires a rheological model, which

predicts the evolution of the rheological behavior of the reaction system at any reaction

time and processing conditions, such as temperature, initiator concentration, and shear

rate. In the polymerization of c-caprolactone, the viscosity model should include two

parts: a rheological model for bulk poly-s-caprolactone with different conversion ratios,

and a dilution effect of monomer upon the viscosity of the reaction system. The latter

should be considered because the monomer remains in the reactive system until the

polymerization is complete. Such a monomer dilution effect strongly modifies the

viscoelastic behavior of the reaction system.

1. Viscosity model for bulk poly--caprolactone

Based on the experimental results (46), the viscosity of bulk poly-c-caprolactone at

different temperatures, shear rates and conversion ratios can be modeled with the

generalized Yasuda-Carreau equation (52-53):

where n = 0.52, and a = 1.05 characterizes the shear-stress level at which is in the

transition between Newtonian and shear thinning behavior, given by:

where Eb is the flow activation energy (40.O kJ/mol), T. is the reference temperature

(140°C). -14, is the weight averaged molecular weight, expressed by Equation 3.7.
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The zero shear viscosity Rio of poly-s-caprolactone samples in the power law zone

where the critical molecular weight, me , is about 6000g/mol.

2. Dilution effect

Considering the presence of monomer in the reaction system, the critical molecular

weight, Mc, and the entanglement molecular weight, me, would depend on the

concentration of polymer in solution, cp (54-55):

The viscoelastic parameters of the reaction system are modified with respect to the

parameters of the bulk polymer (56). For instance, the intrinsic viscosity of the reaction

system, ios, is changed to be:

In Rouse regime,

In entangled regime:

According to Bistrup and Macosko (57), the monomer friction factor, i.e. the free

volume, changes with the degree of polymerization due to the evolution of the glass
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transition temperature. This should be taken into account in the polymerization of

s-caprolactone. Thus, the viscosity of the reaction system after considering the free volume

correction takes the following form:

in which rhos refers to Equations 3.14 and 3.15. The free volume correction during

polymerization of s-caprolactone would be:

where Eb and Es are the flow activation energy for the bulk and solution systems,

respectively. If assuming an additive law of the free volume (46), E s can be related to Eb

as:

in which the flow activation energy of the monomer, monomer, is about 29 kJ/mol. In this

study, the concentration of polymer, cps, is assumed to be equal to the conversion ratio, C,

with the assumption that the density of the reaction system does not have a significant

change during the polymerization. Furthermore, heat capacity, heat conductivity, and heat

of reaction were also assumed to remain constant during polymerization. Thus, the zero

viscosity rh o of poly-c-caprolactone during polymerization is expressed as:

In the power law zone (Mw > M c ):



3.2 Governing Equation for Reactive Extrusion

3.2.1 Equations of Fluid Mechanics

The governing equations of fluid mechanics are:

Mass conservation equation (or continuity equation),

Momentum conservation equation,

where the viscosity, is calculated based on Equations 3.9, 3.19 and 3.20, and

Energy conservation equation,

where, k is the thermal conductivity and QR is the reaction heat generation:

3.2.2 Equations for Reaction

Equation 3.4 gives the relationship between conversion ratio, temperature and reaction

time. In order to apply the kinetics equation into the simulation domain, Equation 3.4 is

rearranged as:

30
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and z-components of velocity in a three dimensional Cartesian system.

In Equation 3.25, C stands for the conversion ratio of c-caprolactone. K is

calculated based on Equation 3.1b, which was obtained from the experimental data in the

polymerization of c-caprolactone with a parallel rheometer. It is known that the flow in

the parallel rheometer is a shear flow. However, in co-rotating twin-screw extruders, the

flow field is not a simple shear flow, but a combination of shear flow and elongational

flow. Furthermore, the fluid elements in the extruders could be re-oriented, stretched and

folded. This suggests that the kinetics equation of reaction from the experiments in

parallel rheometer may diverge from that in the extruder, due to the different flow

behaviors in these two devices. Some studies have been done to investigate the effects of

flow on reaction (58) and the influence of mixing mechanisms on multi-component

reactions in counter-rotating twin-screw extruders (59).

Numerical simulation of mixing in kneading blocks (60-61) show that the shear

flow occupies a large portion of flow in twin-screw extruders. Furthermore, as shown in

Figure 3.3, the initial mixing between monomer and initiator does not have significant

effects on polymerization, and the effect of flow behavior on reaction is insignificant

when the reaction is completed in a relatively short time (58). This suggests that the

kinetics equation for the polymerization of c-caprolactone based on the parallel

rheometer can be an approximation of that in the co-rotating twin-screw extruder. Thus,

in the present investigation, two assumptions were made in the simulation:
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1. The monomer and initiator are uniformly mixed (ideal mixing) and

2. The kinetic equation from the parallel rheometer can be used in the twin-screw

extruders.

3.3 Computational Techniques

Generally, Finite Element Method (FEM) is employed in the simulation of flow behavior

of polymer melt in twin-screw extrusions (40-41, 60-76). Two commercial Finite

Element Analysis software, i.e. FIDAP and POLYFLOW, have been used in some

studies (40-41, 60-64). Recently, Hrymak et al. (77) used FLUENT, a commercial

Computational Fluid Dynamics (CFD) software based on Finite Volume Method, to

predict the flow patterns in kneading blocks of an intermeshing co-rotating twin screw

extruder. The velocity contours from the simulation agree well with the experimental data

from Particle Image Velocimetry (PIV). This indicates that it is feasible to employ

FLUENT in the simulation of processes involving twin-screw extruders. Because

FLUENT is based on Finite Volume Method, it requires lower computation cost, if

compared with Finite Element Method. In this study, FLUENT 6.O was employed to

solve the governing equations of reactive extrusion.

However, like most of the current numerical simulation packages, FLUENT can

not deal with partially-filled channel flow. This means that it is not possible to employ

FLUENT directly in the simulation of reactive extrusion in twin-screw extruders, because

the screw channel in twin-screw extruders is either fully-filled or partially-filled (as

described in Chapter 1). Consequently, in this investigation, the simulation of the

polymerization of oft-caprolactone in twin-screw extruders was divided into four steps:
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• Use FLUENT to carry out 3-D simulation of polymerization of c-caprolactone in
fully-filled screw elements under various temperatures, screw rotational speeds, and
initiator concentrations;

• Compare the simulation results based on 3-D model and those from 1-D channel
model, and to find out the dominant factors for the polymerization;

• Propose a model to predict the reaction in the partially-filled channels, based on the
simulation results in the fully-filled channels from the 3-D model, and features of flow in
the partially-filled channels (discussed in Chapter 7);

• Calculate the polymerization progressing globally in the extruder, based on the
models for the partially-filled and fully-filled channel model;

It is known that FLUENT is a general program for fluid mechanics. When it is

applied to a specific case, such as the simulation of reactive extrusion, three additional

steps should be followed:

1. Generate 3-D mesh for different screw elements of twin-screw extruders.

2. Define a User Defined Scalar (ADS) to solve the reaction equation, as in Equation
3.25.

3. Define User Defined Functions (UDFs) for the viscosity model during
polymerization, the heat from reaction, and the source term for the UDS.

Each of these steps will now be described in detail.

I. Generate 3-D mesh for different screw elements of twin-screw extruders.

Generation of 3-D mesh is a tedious task because of the complex geometry of screw

elements in twin-screw extruders. In the current study, a C++ program was used to

generate the 3-D mesh for FLUENT.

In twin-screw extrusion, the flow domain changes with screw rotation. Currently,

in the simulation of flow in twin-screw extruders, the dynamic motion of screw is treated

as a number of quasi-steady state analyses of the sequence geometries. For instance,

Figure 3.4 shows that a quarter of a complete cycle of a kneading block can be described

with 8 quasi-steady states (70).



2. Define a User Defined Scalar (UDS) to solve the reaction equation, as in Equation
3.25.

In FLUENT, the transport equation can be solved as an arbitrary, user-defined scalar

(UDS). Usually, the transport equation has the form:

where, (Lk is an arbitrary scalar, Tic and S q,k are the diffusion coefficient and source term

supplied for each of the N scalar equations. For the steady-state case, FLUENT solves

Equation 3.27 instead of Equation 3.26 when the diffusion coefficient, Tic, is zero:

The comparison between Equations 3.25 and 3.27 shows that a user-defined

scalar can be defined to solve for the conversion ratio, C, in the simulation domain:

in which the source term is:
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3. Define User Defined Functions (UDFs) for the viscosity model during
polymerization, the heat from reaction, the source term for the User-Defined Scalar.

A user-defined function (UDF) is a function programmed by users that can be

dynamically linked with the FLUENT solver to enhance the standard features of the code.

UDFs can be used for a variety of applications, such as customization of boundary

conditions, material property definitions, surface and volume reaction rates, diffusivity

functions, source terms in FLUENT transport equations or in user-defined scalar (UDS)

transport equations. As discussed in the preceding sections, the viscosity of the reaction

system (Equation 3.9), heat from reaction (Equation 3.24) and the source term for ADS

(Equation 3.29) are not constant during polymerization; they could be functions of

conversion ratio, temperature and/or shear rate. Accordingly, three User Defined

Functions should be defined.

The procedure followed in the application of FLUENT in reactive extrusion is

summarized in Figure 3.5. It consists of three steps, preprocessing, solver, and post-

processing. In the preprocessing, the 3-D mesh for the simulation domain is generated;

the boundary conditions for temperature, velocity, pressure, and User-Defined Scalar are

applied; the parameters for the reactive system, such as density, heat capacity and heat

conductivity, are initialized; the solution method for equations is selected. In this study,

the equations are solved with a segregated procedure. In the solver, all of the equations

are solved with the segregated approach, in which the energy source term from reaction

heat and the viscosity of the system are calculated by User Defined Functions. The

solution is completed once it reaches convergence. In the preprocessing, FLUENT not

only gives the contour plots of parameters (including temperature, velocity, pressure,

viscosity, and so on), but also offers some functions for the calculation of the parameters,
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such as area weight averaged operation for the parameter at a predefined surface.

Furthermore, FLUENT permits exportation of some data files for further analysis.
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3.4 Conclusions

In the numerical simulation of reactive extrusion, continuous equation, energy equation

and kinetics equations for reactions were solved, coupled with the non-Newtonian

characteristic of the reaction system. In this study, polymerization of c-caprolactone was

selected as a model system. The information required in the numerical simulation of

polymerization was obtained from studies of Gimenez and Vergnes.

The polymerization of c-caprolactone in co-rotating twin-screw extruders was

modeled with Finite Volume Method, using a commercial CFD package FLUENT. A

C++ code was used to develop data files to generate 3-D mesh of the simulation domain.

The kinetics equation for polymerization was reformatted so that it can be incorporated

into FLUENT with a User Defined Scalar. The rheological model of reaction system, the

source term for reaction heat and the source term for the kinetics equation were

incorporated into FLUENT with User Defined Functions.

In the simulation with FLUENT, some calculation results can be exported as data

files. This makes it possible to carry out further analysis about the polymerization

kinetics in twin-screw extruders, as discussed in Chapters 5 and 6.



CHAPTER 4

VALIDATION OF NUMERICAL SIMULATION
OF POLYMERIZATION WITH FLUENT

As presented in the previous chapter, in FLUENT, User Defined Scalar was introduced to

solve the kinetics equation for the polymerization of c-caprolactone, and User Defined

Functions were used to include the viscous model, source term for the reaction heat in the

energy equation and source term for the kinetics equation. On the other hand, FLUENT

cannot deal with the continuous rotating of screws in the twin-screw extruders, and thus a

quasi-steady state simulation was carried out. This chapter is comprised of two sections.

The first one validated the simulation method for the polymerization of s-caprolactone

based on FLUENT, and the second section investigated the effect of channel geometries

with different initial angles upon the simulation results in the steady state analysis.

4.1 Validation of Simulation with FLUENT

In this section, the simulation method for the reaction based on FLUENT was validated

with the polymerization of s-caprolactone in a pipe flow (Figure 4.1). The polymerization

progression in a pipe is predicted with FLUENT, and the simulation results are then

compared with the data based on the kinetics equation (see Equation 3.6). The reason for

selecting pipe flow as a validation model is that the flow in the pipe channel is so simple

that the kinetics equation can be easily applied.

As shown in Figure 4.1, the pipe channel has a length of 80 mm and a width of 4

mm. Two cases have been studied, isothermal and adiabatic, as shown in Table 4.1. In the

isothermal case, the temperature of the reaction system is assumed to remain constant

38
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during the polymerization. In the adiabatic case, there is no heat loss through the walls.

All of the heat from reaction is kept in the reaction system, which raises the system

temperature rapidly. The ratio of monomer to initiator concentration is 400.

In order to simplify the simulation, it was assumed that the reaction system is a

Newtonian fluid. The velocity at the inlet was fully developed and had a parabolic

distribution. The viscous dissipation in the system was neglected. It is known that the

streamlines in the pipe flow are straight lines (from inlet to outlet), which suggests that

there is no mass exchanged transversely. In order to exclude the energy exchange in the

transverse direction, the heat conductivity of the material was set to be zero (1 x10 -12 in

the simulation). Thus, the conversion ratio increase along a streamline can be easily

calculated based on the kinetics equation (Equation 3.6), with either isothermal or

adiabatic conditions.

In order to validate the simulation results from FLUENT, the profiles of

conversion ratio along the streamlines with Y = O.2 mm, 0.4 mm, O.6 mm and 2 mm in
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the channel (see Figure 4.1) were compared with the data from the kinetics equation, as

shown in Figures 4.2 and 4.3.

Figure 4.3 Comparison of conversion ratio based on FLUENT and kinetics equation at
adiabatic conditions.
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Figures 4.2 and 4.3 show that the trends of conversion ratio along the streamlines

at isothermal conditions are entirely different from those based on the adiabatic

conditions. On the other hand, the profiles of conversion ratio along the axial length

based on FLUENT agree very well with those calculated directly from the kinetics

equation. This suggests that the simulation method for the polymerization based

FLUENT is reliable, and the program for the User Defined Scalar (UDS) and User

Defined Functions (UDFs) are correct.

4.2 Steady State Simulation Method in Reactive Extrusion

As discussed in the preceding chapter, in the modeling of flow in twin-screw extruders,

the dynamic motion of screws is treated as a number of quasi-steady state analyses with

series of geometries. The geometries of screw channels in the steady state analyses are

determined by the surfaces of screws and barrels. Because the barrel is fixed and the

screws may have an angle in a range of 0360° (see Figure 4.5), a sequence of channel

geometries is obtained. This section investigated the effects of channel geometries upon

the polymerization progression of c-caprolactone in conveying screw elements.

4.2.1 Boundary Conditions for Simulation

The conveying screw element investigated in this section is shown in Figure 4.4. The

geometry specifications of the elements are as follows: barrel diameter = 34 mm; screw

tip diameter = 33.4 mm; centerline distance = 3O mm; screw root diameter = 26 mm;

screw tip number = 2; screw pitch = 60 mm. This is a right hand conveying element,

having an axial length of 120 mm. A pair of kneading discs with a length of 20 mm,
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which has identical axial cross section as the conveying element, is attached at the end of

the conveying element, to ensure good convergences in the simulation.

Figure 4.4 Geometry of conveying screw element.

It is assumed that temperatures at the inlet and barrel surface are 420 K, and the

screw surface has an adiabatic condition. The conversion ratio at the inlet is O.6 and the

flow rate is 3.15 kg/hr. The ratio of monomer to initiator concentration is 800, and the

screw rotates at 287 rpm. The flow is fully developed at the exit of the simulation

domain. The gradient of the conversion ratio is assumed to be zero at barrel and screw

surfaces.

As shown in Figure 4.5, the rotation of screws can be described with angle 0.

Here, 0 is the initial angle of lobes at the inlet. In a quarter of a rotation cycle, 0 increases

from O° to 90°. In this study, the moving of screws in a quarter of a complete cycle was

treated with ten quasi-steady state analyses, in which the step for the angle increase is
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10°. Accordingly, ten 3-D meshes were generated in the analyses. As an example, Figure

4.6 shows the geometry of the channel and the mesh at the inlet of the simulation domain

in the steady state simulation, with 0 at 0°, 30°, 60° and 90°, respectively.

Figure 4.5 Dynamic rotation of screws.

The velocity distribution at the inlet of the simulation domain is an important

boundary condition in the numerical simulation. In this study, the axial velocity profile at

the inlet was calculated as follows. First, a simulation of Newtonian and isothermal flow

in the screw element was carried out, in which the fluid viscosity was calculated based on

the temperature and conversion ratio at the inlet, and the axial velocity at the inlet was

assumed to have a uniform distribution (calculated according to the flow rate). After the

simulation, the velocity distribution in the simulation domain was obtained. Because the

screw tip number of the element is 2 and the pitch is 60 mm, the cross section at Z = 30

mm has the same geometry as the inlet (as shown in Fig. 4.4). Hence, the calculated axial
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velocity profile at Z = 30 mm (i.e. the axial cross section with an axial location of a half

pitch) with Newtonian and isothermal conditions was used as the axial velocity boundary

condition at the inlet in the simulation of reactive extrusion.

4.2.2 Simulation Results for Polymerization of Caprolactone in Different Channel
Geometries

Numerical simulation of polymerization of c-caprolactone in ten channel geometries with

different initial angles was carried out with FLUENT. Figure 4.7 summarizes the

conversion ratio profiles at the surfaces of screws with initial angles at O°, 30° and 60°,
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respectively. These pictures show that the magnitudes of the conversion ratios at an

identical axial position are similar in different screw geometries. This suggests that the

effect of initial angle of screws on polymerization progression is very small. Figure 4.8

illustrates the calculated results of the distributions of conversion ratio at the axial cross

section with Z = O.06 m in screw elements with different initial angles. It is seen that the

shape of the distribution curves depends on the initial angle, but not large.

In order to evaluate the polymerization in different geometries, the area weighted

average conversion ratio, temperature, viscosity, pressure and shear rate along the axial

length were calculated (see Equation 5.2), and shown in Figure 4.9. These plots show that
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each of the averaged parameters along the axial length is almost independent of the initial

angle of the screws. This suggests that for each screw configuration, it is not necessary to

carry out numerical simulation based on a series of channel geometries with different

initial angles. Instead, it is reasonable to perform a simulation based on a certain screw

initial angle, which would reduce the calculation cost significantly.

Based on the above results, from now on, the screw configuration with an initial

angle of 0° will be used as the model geometry in the numerical simulation of

polymerization of c-caprolactone in fully-filled screw elements.

Figure 4.8 Distribution of conversion ratio at cross sections with Z = 0.06 m at different
initial angles.
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4.3 Conclusions

In this chapter, the simulation method for polymerization based on FLUENT was

validated with a pipe flow. It is seen that the simulation results predicted with FLUENT

agree well with those calculated directly from the kinetics equation, indicating that the

application of FLUENT in predicting polymerization progress is reliable.

The polymerization progressions of caprolactone in conveying screw elements

with different initial angles were calculated with quasi-steady state simulation method.

The simulation results show that the effect of the initial angle of conveying elements

upon polymerization progression is small. This suggests that in the reactive extrusion, it

is reasonable to carry out the steady-state numerical simulation based on the screw

channel with a certain initial angle, instead of series of channel geometries with different

initial angles. This would reduce the calculation cost significantly.



CHAPTER 5

POLYMERIZATION OF E-CAPROLACTONE IN FULLY-FILLED
CONVEYING ELEMENTS: SIMULATION RESULTS AND DISCUSSION

As mentioned in Chapter 1, conveying elements and kneading blocks are two

commercially available screw elements in co-rotating twin-screw extruders. During

processing, conveying elements could be either fully-filled, or partially-filled. In this

chapter, the conveying elements are assumed to be fully-filled and modeled by a 3-D

simulation method. The simulation of reaction in the partially-filled screw elements is

discussed in Chapter 7. This chapter consists of two sections. The first one investigated

the effects of screw geometry, operational condition, initiator concentration of reactive

system and screw dimension on reaction, based on the 3-D simulation method. The

second section compared the simulation results between 3-D model and 1-D model.

5.1 Simulation of Polymerization of E-Caprolactone
in Conveying Elements with 3-D Model

In conveying elements, screw pitch and helical direction (forward or reversed) are two

important parameters, because they determine the conveying and mixing mechanism of

polymer melt in the elements. In this section, two systems were studied, in which system

No. 1 has a screw diameter of 34 mm and system No. 2 has a diameter of 68 mm, as

listed in Table 5.1. For system No. 1, four elements were investigated, and for system No.

2, two elements were studied (Table 5.2).

In order to ensure that the iteration reaches convergence easily in the simulation,

an extensional disc, which has identical end view as the screw element, was added at the
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end of the screw element. The dimensions of the screw element and the extensional disc

are listed in Table 5.1 and shown in Figure 5.1.

Three-dimensional mesh of the simulation domain was generated with 8-node,

brick elements, as shown in Figure 5.N. As discussed in the preceding chapter, the screw

with an initial angle of 0° was used as the model geometry in the simulation, instead of a

sequence of screw geometries. The number of elements for the conveying screw element

is 179,200, and it is 22,400 for the extensional disc domain. The length of the reversed

element SENOR is 20 mm, which is composed of 67,200 brick elements; its extensional

disc is 7.5 mm long, and has 22,400 brick elements.



Disc, L =20 mm	 Cross Section
with Z = 0.06 m

Conveying element
L = 120mm

Z = Omm

(a)

(b)
	

(c)
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Figure 5.1 Geometry of conveying elements (a) SE2O, (b) SE4O, (c) SE6O. (The arrow in
(a) shows the flow direction of melt in screw elements).

(a)
	

(b)
Figure 5.2 Mesh of conveying screw element SE6O at (a) screw surface, and (b) barrel
surface.
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Table 5.3 shows the boundary conditions for the simulation, in which the effects

of screw rotational speed, inlet and barrel temperatures, and concentration of initiator on

reaction are considered. It is assumed that the screw surface has adiabatic heat transfer

conditions, and the barrel maintains constant temperature during the reaction. The

gradient of the conversion ratio at barrel surface, screw surface, and outlet of simulation

domain is assumed to be zero. The effect of flow rate on reaction is obvious, since

decreasing in flow rate means increase in residence time. As shown in Figure 3.2, the

degree of reaction rises with increase in reaction time (i.e. decrease in flow rate). The

simulation results of the effects of flow rate on polymerization are not covered in this

thesis; these have been reported elsewhere (78).

elements, SE20F, SE4OF and SE60F, were studied. Figure 5.3 summarizes the conversion

ratio profiles at the top surfaces of these conveying elements, in which the reaction

system is conveyed from left to right. These pictures show that the patterns of the
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conversion at screw surfaces depend on screw geometries: with increasing screw pitch,

the conversion ratio has a faster increase.

Figure 5.4 shows the conversion distribution at the axial cross section with Z =

0.06 m in SE2OF and SE60F (see Figure 5.1a), respectively. It is seen that the conversion

ratio at the axial cross section is not uniform. The distribution of conversion ratio changes

when the screw pitch is increased. In SE20F, the region with high conversion ratio is

located near the barrel surface, whereas in SE60F, the maximum conversion appears in

the area close to the center of the screw channel. However, in both SE20F and SE6OF, the

conversion ratio near the screw surfaces is lower than that in other regions. Figure 5.4
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also shows that the maximum and minimum conversion ratios in SE20F are larger than

those in SE20F.

In order to evaluate the profiles of conversion ratio at the axial cross section, the

area weighted distribution of conversion ratio is defined, as following:

in which d(i) is the distribution; A(i) is the area with conversion ratio C(i) at an axial

cross section; A is the area of the axial cross section. For example, Figure 5.5 summarizes

the area weighted distributions of conversion ratio at axial cross sections with Z = O.01

m, Z = 0.04 m and Z = O.07 m in SE2OF and SE60F. The plots in Figure 5.5 show that

with increasing screw pitch from 20 mm to 20 mm, the distribution of conversion ratio

becomes broader, and the average conversion ratio in SE20F is higher than that in SE2OF

at the cross section with identical axial location.

In order to elucidate the effect of screw pitch on polymerization, the flow of

polymer melt in different conveying elements was investigated. Figure 5.2 shows the
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patterns of the positive axial velocity (i.e. velocity along the downstream direction) in the

cross section with Z = 0.02 m in SE2OF, and SE6OF, respectively. In order to make the

contour clearer, the region with negative axial velocity is hatched with the grid only, and

the patterns of the negative axial velocities are not displayed. Figure 5.2 reveals that in

the cross section, a large fraction of fluid elements have negative axial velocity. These

fluid elements move upstream, not downstream. Furthermore, the maximum positive

axial velocity in SE6OF is larger than that in SE2OF.
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Analogous to the definition of the area weighted distribution of conversion ratio

(Equation 5.1), the area weighted axial velocity distribution was calculated. Figure 5.7

shows the distributions of the axial velocity at the axial cross section with Z = O.06 m in

SENOR and SENOF. It is seen that the axial velocity has a much broader distribution in

SENOF than in SENOR.

The effects of velocity profiles on polymerization can be further interpreted by

tracing the movement of fluid elements (i.e. streamlines) in the conveying elements.

Figure 5.6 has already revealed that some fluid elements have negative axial velocities,

and move toward the upstream. Figures 5.8a and b show the streamline of a fluid element

initially located at (O.029, 0, 0.06), as marked by P1 in Figure 5.6. It is found that the

element follows a very complex streamline in the screw channel. Globally, the element

moves upstream. However, it could move downstream for a certain distance, and then

move upstream. This is the mechanisms for the axial and transverse mixing. Figures 5.8b
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and c show that the displacement of the fluid element along the axial length is smaller in

SE2OF than that in SE6OF, although the lengths of the streamlines in these two cases are

the same. This indicates that the axial mixing in SENOF is weaker than that in SE6OF.

Furthermore, the time required to move the element at a certain length along the

streamline in SE2OR is longer than that in SE6OR (as indicated by the legend in Figure

5.8). This is because the axial velocity distribution in SENOR is narrower than in SE60F

(Figure 5.7). The longer moving time of the fluid element in SENOR also suggests that the

axial mixing in SE2OF is weaker than in SE6OF.
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In this thesis, the fluid elements with downstream velocities are denoted as

forward-flow and those with upstream velocities as back-flow. The forward-flow pushes

the reaction system downstream, as the conversion ratio increases along the flow

direction. The back-flow carries the fluid upstream. Because the conversion ratio in the

downstream is higher than in the upstream, the back-flow helps to increase the

conversion ratio at the upstream. Hence, the increase in conversion ratio in the conveying

elements is a competing consequence between the forward-flow and back-flow. This

implies that the conversion ratio profile depends not only on the ratio of back-flow rate to

forward-flow rate, but also on the local distribution of conversion ratio.

Figure 5.9 demonstrates the calculation results of the area weighted average

conversion ratio, temperature, viscosity, pressure and shear rate along the axial length in

different conveying elements. Here, the area weighted average operation at an axial cross

section is defined as:

where A(i) and	 are the area and the calculated parameter at cell i at an axial cross

section. N is the total number of cells at the cross section.

Figure 5.9a shows that, globally, the conversion ratio has a fast increase with

increasing screw pitch, from 20 mm to 40 mm, and 60 mm. As discussed previously, this

is due to the fact that the axial mixing is enhanced when the screw pitch is raised. It is

seen that with decreasing screw rotational speed, the reaction becomes faster. This can be
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attributed to the weak heat transfer at the barrel surface at low screw speed (see Figure

5 . 1 0).
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Figure 5.9b reveals that the temperature profile along the axial length depends on

the screw rotational speed. The temperature increases monotonously along the axial

length, when the screw speed is 287 rpm. At 48 rpm, the temperature rises first, reaching

a maximum value at a certain position close to the channel entrance, and then drops

gradually. Moreover, the maximum temperature at 287 rpm is lower than that at 48 rpm.

This is due to the fact that the heat from reaction, which depends on the increase in

conversion ratio, is the dominant energy source. As shown in Figure 5.9a, at 48 rpm, the

conversion ratio has a fast increase and jumps to about 1 in a very short axial distance

along the channel, causing the appearance of the temperature peak there. The lower

increase in temperature at 287 rpm near the channel inlet is due to the smaller increase in

conversion ratio but the larger heat loss at the barrel surface.

The decrease in temperature at the downstream of Z = O.03 m at 48 rpm means

that the heat transfer between the reaction system and barrel surfaces plays an important

role there. Because the temperature at barrel surfaces remains constant during

polymerization and the screw surface has an adiabatic condition, the reaction system with

high temperature would release its energy through the barrel surface. Considering the fact

that the reaction is complete at an axial location about 0.03 m, the temperature profile at

the downstream of Z = O.03 m relies on the competition between viscous dissipation and

heat loss at the barrel surface. Although the viscosity of the system is quite high at 48

rpm (in a range from 300 to 800 Pa-s, as shown Figure 5.6c), the shear rate is very low

(about 40 s -1 , Figure 5.9e). However, the melt temperature is much higher than the barrel

temperature, which is 400 K. This indicates that the heat loss at the barrel surface is

larger than the viscous dissipation, causing the decrease in temperature along the axial
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length beyond Z = 0.03 m, at N8 rpm. The monotonous increase of temperature along the

channel at 287 rpm is due to the fact that the polymerization is not complete even at the

channel exit, and the heat from polymerization is larger than the heat loss at the barrel.

In the simulation, the inlet pressure was set to zero. Thus, a positive pressure at

the channel exit means that the element builds pressure, while a negative pressure means

that the pressure is consumed in the element, i.e. the inlet has a higher pressure than the

outlet. Figure 5.9d shows that the pressure rises along the axial length. For SENOR and

SE6OF, the pressure at the channel exit rises with increasing screw speed. However, the

pressure in SE2OF is lower at 287 rpm than that at N8 rpm. This is because the pressure

gradient in conveying elements depends on screw speed, system viscosity, and screw

geometry. In SE20F, the variation in viscosity is a more important role than the increase

in screw speed. Figure 5.9e shows that the shear rate drops with decreasing screw speed.

The effect of screw geometry on shear rate is very small at N8 rpm, but is significant at

287 rpm.

In order to explain the effect of screw rotational speed on the heat transfer at the

walls, the velocity profile at the mid-line of the channel at Z = O.06 m (marked line L 1 in

Figure 5.6b) is calculated and demonstrated in Figure 5.10. It is seen that with decreasing

screw speed, the velocity gradient near the barrel surface drops. It is known that the heat

loss through the barrel surface depends on the convection near the wall, which relies on

the velocity gradient. The small gradient of velocity means low convection near the wall,

which leads to the decrease in the heat loss through the barrel. Consequently, more heat

from reaction is retained in the reaction system at a low screw speed, resulting in a faster

polymerization.
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5.1.1.2 Axial Mixing Mechanisms in Screw Elements. As discussed previously, the

progression of polymerization in conveying elements not only depends on the back-

mixing capacity, but also relies on the local variation in conversion ratio. The flow of

polymer melt in a screw channel is usually evaluated by the pressure-to-drag flow ratio,

which is defined as the ratio of pressure flow rate to drag flow rate.

As shown in Figure 5.6, in the axial cross sections of conveying elements, some

fluid elements move downstream (with positive axial velocity), and others moves

upstream. This indicates that the fluid elements in a cross section can be divided into two

groups: the fluid with positive (downstream) velocity, and that with negative (upstream)

velocity. In this study, the axial mixing in screw elements is evaluated with the flux

mixing coefficient, GF, following the definition proposed by White (6):

where QB is the back flow rate; QF is the forward flow rate and QN the net flow rate.
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Figure 5.11 shows the plots of the flux-mixing coefficient in SE20R and SE6OR at

N8 rpm and 287 rpm, respectively, as a function of axial length. It is seen that the flux-

mixing coefficient is higher in SE60F than SE2OF, especially at 287 rpm. As discussed

previously, the conversion ratio in SE60F has a faster increase than that in SE20F, which

can be correlated to the fraction of the back-flow rate, i.e. the flux-mixing coefficient.

Figure 5.11 also indicates that the flux-mixing coefficient drops with decreasing screw

rotational speed. However, the polymerization is faster at N8 rpm than at 287 rpm. This

suggests that the flux-mixing coefficient is not sufficient in evaluating the reaction

process. This is due to the fact that, in reactive process, there is not only mass exchange,

but also temperature and species exchanges as well.
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Following the definition of the flux-mixing coefficient, in the present study, two

more parameters are defined to characterize the axial mixing in conveying elements

during reactive extrusion:

1. Temperature mixing index, AT

In Equations 5.N and 5.5, F and B stand for the forward and back flux, respectively; Q is

the flow rate. C and T are conversion ratio and temperature. Nb and Nf are the number of

the cells with forward and reversed axial velocity, respectively. A and V are the area and

axial velocity of a cell at an axial cross section.

The values of temperature-mixing coefficient, and conversion-mixing coefficient,

represent the exchange in temperatures, and conversion ratios, respectively, among fluid

elements at an axial cross section. Figure 5.12 shows the conversion ratio mixing

coefficient and temperature mixing coefficient in conveying elements SE20F and SE6OF

at 287 rpm and N8 rpm. Globally, both the conversion mixing coefficients and

temperature mixing coefficients are higher in SE6OR than SE2OF, and drop with

decreasing screw rotational speed. This indicates that the exchange in conversion ratio

and temperature between the forward flux and back flux is more intensive in SE6OR than
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SE2OF, especially at high screw speed. Along the axial length, the conversion mixing

coefficients decrease. This is because the conversion ratio in the forward flux approaches

that in the back flux (both of them are approaching 1.O), with reaction proceeding. That

is, the difference in conversion ratio between the forward-flow and back flow is large

near the channel inlet, and drops when approaching the outlet. Figure 5.12 also shows

that the trends of temperature mixing coefficients along the axial length are similar to

those of conversion mixing coefficients
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5.1.1.3 Transverse Mixing in Screw Elements. It is known that in extruders, there is

not only axial mixing between the fluids in the upstream and downstream, but also the

transverse mixing among fluid elements in the axial cross sections. As discussed in the

preceding section, the back flow could bring the fluid with high conversion ratio

upstream, in which some fluid elements would join in the forward flow due to the

transverse mixing. That is, the fluid elements in the forward flow and back flow are not

independent; they would exchange with each other due to the transverse mixing, as

illustrated in Figure 5.13. On the other hand, the transverse mixing has a large effect on

the heat transfer ability between polymer melt and the barrel surface, and heat

homogenization of the polymer melt. Due to the non-isothermal nature of the

polymerization, the heat transfer at walls and heat homogenization in polymer melt are

very important. However, transverse mixing is not easily evaluated, due to the

complicated characteristics of polymer flow.

1. Axial Mixing; 2. Transverse Mixing

Figure 5.13 Schematic illustrations of the mixing mechanisms between forward flow and
back flow in screw elements.
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Transverse mixing of polymeric fluid in conveying elements is produced because

some materials are dragged forward by the rotating screw, whereas others would be

conveyed in the direction opposite to the screw rotating direction, due to the pressure

gradient. Figure 5.14 shows the velocity vector of fluid elements in the cross section with

Z = O.06 m in SE60F. It is seen that near the screw surface, the materials have the

velocity in the screw rotating direction. However, in the regions near the barrel surface,

the fluid elements move in the direction opposite to those near the screw surface.

In the current study, the fluid elements moving in the screw rotating direction are

denoted as drag flow, and the others are donated as pressure flow. Consequently, the

transverse mixing is characterized as:

in which Gary is the transverse mixing coefficient. Bp and QD are pressure flow rate and

drag flow rate in the transverse section, respectively.

Figure 5.15 summarizes the transverse mixing coefficients at the cross section of

Z = 0.06 m in SE2OF and SE6OF, at 287 rpm and N8 rpm, respectively. This Figure shows
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that the transverse mixing in SE6OF is much larger than that in SE20F. This indicates that

SE60F has more intensive mixing in the cross section that SE20F, which could lead to a

faster increase in conversion ratio in SE60F than SENOR (see Figure 5.9a). With

decreasing screw rotational speed, the transverse mixing coefficient drops slightly. As

discussed previously (Figure 5.10), the heat transfer at barrel surface decreases at low

screw speed. This indicates that the polymerization at low screw speed depends mainly

on the heat transfer at wall, not on the transverse mixing.

The above discussion shows that the polymerization of 6-caprolactone in screw

channels is a complex process, which depends not only on the flow and mixing behavior

of the reaction system, but also on the heat generation and heat transfer in the extruder.

The flux-mixing coefficient is an important index for the axial mixing, but is not

sufficient in evaluating the progression of reaction, due to the non-isothermal nature of

the polymerization. Accordingly, the temperature-mixing coefficient and conversion ratio

mixing coefficient were defined to characterize the reaction in the conveying elements
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during the reactive extrusion. On the other hand, the transverse mixing is evaluated with

the ratio of pressure flow to net flow rate in the cross section. The simulation results

imply that the reaction progression is determined by the competition between the

intensity of mixing and the heat transfer mechanisms at the barrel surface.

In this section, the temperatures at the inlet and the barrel surface were set at N10 K,

instead of NN0 K in the preceding section. Figure 5.16 shows the simulation results of the

polymerization in conveying elements at N10 K.

Compared with the polymerization at NN0 K (Figure 5.9), the conversion ratios at

the channel exits at temperatures of N10 K are much lower. The increases in temperature,

viscosity, and pressure are much smaller in the cases with temperatures of N10 K than

those with NN0 K. This is easily understood, because the reaction slows down with

decreasing temperature (see Figure 3.N).

The effects of screw rotational speed on polymerization are significant. Similar to

the trends in the case of the reaction with NN0 K, the polymerization is accelerated at low

screw speed. As shown in Figure 5.16a, the conversion ratio is about O.N at the element

exits when the screw speed is 287 rpm, whereas it is very close to 1.O at N8 rpm.

Furthermore, the effect of screw pitch on reaction at 287 rpm is less significant than the

cases at NNOK (see Figure 5.9a). This is because, in the current case, the increase in

conversion ratio along the axial length is small, which leads to a low system viscosity

(Figure 5.16c), and a small increase in temperature (Figure 5.16b). That is, the non-

uniformity in temperature is small, and the effect of screw pitch on reaction becomes

negligible at 287 rpm and N10 K.
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5.1.3 Polymerization at [M]/[I]. = 800 with T = 420 K, C o = 0.6 and D = 34 mm

Here, the conversion ratio at the inlet of conveying elements was assumed to be 0.6,

whereas it was set to 0 in the previous studies. Because the viscosity of the system is

correlated to the conversion ratio, it is expected that the system viscosity near the inlet

should be higher than that in the previous cases (see Figure 5.9c, 5.16c and 5.17c). Thus,

the viscous dissipation could play an important role in the polymerization. On the other

hand, the maximum increase in conversion ratio in the screw elements is O.N at an inlet

conversion ratio of 0.6, whereas it is 1.0 when the inlet conversion is 0 (when the

polymerization is complete, the conversion ratio is 1.O). Accordingly, the heat from

reaction would be smaller in the former than that in the latter.

Figure 5.17 shows the simulation results for the polymerization with a conversion

ratio of O.6 at the channel inlet. Figure 5.17a reveals that the conversion ratio at N8 rpm is

lower than that at 287 rpm. This trend is contrary to those presented in Figures 5.9a and

5.16a. The reasons are presented in the following paragraph.

The reduction in screw rotational speed would give rise to three possible results:

1. The axial mixing and transverse mixing in the conveying elements decrease at low

screw speed, which would slow down the reaction progressing.

2. The convection in the reaction system near the barrel surface drops with decreasing

screw speed, leading to a decrease in heat loss through the barrel surface, and resulting in

an acceleration in reaction.

3. The shear rate decreases when the screw rotational speed drops, resulting in a

decrease in viscous dissipation. As a consequence, the temperature might fall, and the

reaction could slow down.
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In order to elucidate the effects of viscous dissipation and heat transfer at walls on

the reaction, three cases with different thermal conditions have been studied:

1. Adiabatic reaction, i.e. the system has no energy loss during reaction.

2. Constant temperature at barrel surface, but neglecting viscous dissipation of the
reaction system, i.e. the viscous dissipation term is not included in the energy equation.

3. Constant temperature at barrel surface, and considering viscous dissipation of the
reaction system, as studied in the previous cases.

Figure 5.18 demonstrates the increases in average conversion ratio along the axial

length with various thermal conditions during reaction. Figure 5.18 shows that the

reaction is the fastest with the adiabatic conditions and slowest in the cases when the

viscous dissipation was excluded. At the adiabatic condition, the reaction is faster at 287

rpm than that at N8 rpm. This confirms that the increase in back-mixing at high screw

speed favors the polymerization progression. In the case without viscous dissipation, the

polymerization at 287 rpm is slower than that at 48 rpm. This can be explained by the fact

that the heat loss at barrel surface is weak at low screw rotational speed. Accordingly, in

the case when the viscous dissipation is included and the barrel surface maintains

constant temperature during the polymerization, which is the situation investigated in the

present study (Table 5.3), the reaction progression depends on the competition between

the heat loss at barrel, viscous dissipation and heat from reaction. This explains why the

increase of conversion ratio in the conveying elements slows down with decreasing screw

speed, as shown in Figure 5.17. In this case, the viscous dissipation plays an important

role to the polymerization, because the conversion ratio at the channel inlet is 0.6. With

decreasing screw speed, both viscous dissipation and mixing intensity drop, leading to the

decrease in temperature and conversion ratio.
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Similarly, the effects of mixing intensities in different screw elements on

polymerization could be studied with the assumption of different thermal conditions

during reactions. Figure 5.19 shows the trends of average conversion ratios along the

axial length with adiabatic condition and constant temperature at the barrel (considering

viscous dissipation), in SE2OF and SE6OF at N8 rpm. It is seen that at the adiabatic

conditions, the reaction is slightly faster in SE6OF than that in SE20F. This is attributable

to more intensive axial and transverse mixing in SE6OF (see Figures 5.11 and 5.15). On

the other hand, the difference in conversion ratio between SE2OF and SE6OF is much

larger in the cases with constant temperature at barrel surface than that at adiabatic

conditions. In the former, some of the heat from reaction is released through the heat

transfer at the barrel surface, whereas in the latter, there is no heat loss through the barrel.

This implies that the heat transfer intensity at the barrel surface of SE20F is weaker than

that of SE60F, which has a significant effect upon polymerization progression.
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The simulation results of the polymerization of c-caprolactone with [Min = NO0 are

shown in Figure 5.20. The results in Figure 5.2Oa reveal that with increasing pitch of

conveying elements, the reaction becomes fast. Globally, the conversion ratio has a fast

increase with decreasing screw speed. However, the effect of screw speed on conversion

ratio is insignificant in the current case when compared with that with [MV[I]o = 800 (see

previous three sections). This is because the flow rates are very high in the current case

(Table 5.3), and thus the flux-mixing coefficients are very low (see Figure 5.21). The

change of screw speed has small effect on the back-mixing in the elements due to the

large flow rate. On the other hand, the heat from reaction is so large that the heat transfer

at the barrel is not a dominant role for the reaction.
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Figure 5.2Oc shows that the viscosity is much lower than that in the previous

cases (Figures 5.9c, 5.16c and 5.17c), because the initiator concentration, [MV[I]o is NOO

in the present case . With a screw speed of N8 rpm, the inlet pressure is much larger than

the outlet pressure (Figure 5.2Od). This is because the flow rate is larger than the drag

flow capacity of the forward conveying elements at N8 rpm. Such a large flux cannot be

conveyed downstream without the aid of pressure flow. In other words, the pressure at

the inlet has to be larger than that at the exit. This also indicates that the flow is very

close to the pressure flow, and the back-mixing is very weak.

Figure 5.21a shows that the flux-mixing coefficient at the axial cross sections of

SE20F is very small: it is about 0.1 at 287 rpm and 0.0N at N8 rpm. However, in the cases

presented in Figure 5.11, the flux-mixing coefficient in SE20F at 287 rpm is about 3.

Furthermore, the flux-mixing coefficient fluctuates significantly along the axial length

(see the peaks or valleys in Figure 5.21a), due to the large variation in viscosity with the

reaction proceeding. Figure 21b shows the velocity profiles along the line from point

(O.028, O, 0.06) to point (O.032, 0, O.06), the mid-line of the channel (marked L 1 in Figure

5.6a). It is seen that the tangential velocity components are positive at both 287 rpm and

N8 rpm. This again confirms that the back-flux is negligible.

5.1.5 Scale-up Polymerization at [M]/[I]. = 800 with T = 420 K and Co = 0.6

The above discussion suggests that the reaction in conveying elements not only depends

on the velocity profiles of the fluid, but also relies on the heat transfer and heat

generation mechanism, and species exchanges. In this section, the effect of scale-up

screw diameter on reaction is discussed.
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When the screw diameter is increased to 68mm from 3N mm, the cross-sectional

area is quadrupled. As shown in Table 5.1, the length of the simulation domain is also

doubled after the scale-up. In order to ensure that the mean residence time in the

simulation domain with D = 68 mm remains identical to that with D = 3N mm, the

average axial velocity at the entrance is doubled. Consequently, the flow rate with D = 68

mm is 8 times that with D = 3N mm. Figure 5.22 shows the average conversion ratio

along axial length in SENOR and SE120F, with D = 68 mm (refer to Table 5.3). It is seen

that the conversion ratio rises with increasing screw pitch and with increasing screw

speed. These trends are consistent with those in the case at D = 3N mm, as discussed in

Section 5.1.3.

Figure 5.23 presents the effect of screw diameter on polymerization. It is seen that

the conversion ratio is much higher at D = 68 mm than at D = 3N mm. This can be

explained by the fact that the depth of screw channel is doubled when the screw diameter

is increased from 34 mm to 68 mm. In the simulation, the screw surface is assumed to be

adiabatic. The over-heated energy in the reaction system can be transferred out only
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through the barrel surface. Consequently, the increase in channel depth would make the

release of heat from the reaction system through barrels difficult to occur. Furthermore,

the ratio of the barrel surface area to the volume of the screw channel decreases with

increasing screw diameter. As a result, the non-uniformity of temperature in the screw

channel becomes more pronounced in large size twin-screw extruders. There are some

regions with high temperature, which accelerate the polymerization.

Figure 5.23 Comparison of conversion ratios between D = 3N mm and D = 68 mm.
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In order to confirm the critical role of reaction heat and viscous dissipation in the

scale-up of polymerization, the conversion ratios along the axial length were calculated

for different thermal conditions. The results are shown in Figure 5.2N. Here, two cases

were studied: one considered the viscous dissipation, the other neglected it (denoted as

No-Diss. in Figure 5.2N). In both cases, the temperature at barrel surface remains

constant, NNO K, during polymerization. The results in Figure 5.2N show that even if the

viscous dissipation is neglected, the polymerization with D = 68 mm is faster than that

with D = 3N mm at both N8 rpm and 287 rpm. This is due to the poorer heat transfer

through the barrel surface at a larger screw diameter. Furthermore, the difference in

conversion ratio with or without considering viscous dissipation is much larger in D = 68

mm than in D = 3N mm at 287 rpm, but it is not significant at N8 rpm. This suggests that

the viscous dissipation plays a more important role at larger screw diameter, and at higher

screw rotational speed.

5.1.6 Effect of Helical Direction of Conveying Elements on Reaction

In co-rotating twin-screw extruders, the reversed conveying elements are usually used to

generate the resistance to polymer conveying along the screw length. They are always

assumed to be filly-filled with the reaction system during processing. This type of

conveying element generally has a short axial length and a small screw pitch. In this

section, the polymerization of c-caprolactone in the reversed conveying elements with

both axial length and screw pitch of 20 mm was studied, at [MV[I]o = 800, and T = NN0

K. The difference in polymerization progression between the forward and reversed

conveying elements was discussed.
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Figure 5.25 summarizes the increase in conversion ratio along the axial length in

the reversed conveying element SE20R (see Table 5.1), with an inlet conversion ratio of

0 or O.6, at a screw speed of N8 rpm or 287 rpm. It is seen that the conversion ratio has a

fast increase at low screw speed, and the effect of screw speed upon the increase in
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conversion ratio is more significant at an inlet conversion ratio of 0 than at an inlet

conversion of O.6.

Figure 5.26 displays the trends of conversion ratios along the axial length in the

forward and reversed conveying elements. The curves in Figure 5.26 show that the

conversion ratio at the exit (Z = 0.02 m) of the reversed elements (SE2OR) is lower than

that in the forward elements (SE2OF), at an identical simulation condition. The difference

in conversion ratio in the forward and reversed elements is small at an inlet conversion

ratio of O.6, but it is large when the inlet conversion ratio is zero, especially at N8 rpm. It

is known that the conveying mechanisms of the reaction system in the forward elements

are entirely different from those in the reversed elements. In the former, the materials are

conveyed downstream by the drag flow (produced by the rotating screws), whereas the

pressure flow brings the materials upstream (Usually, the forward element builds

pressure, i.e. the outlet has a higher pressure than the inlet). In the latter, the reaction
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system is carried downstream by the pressure flow, and is brought to the upstream by the

drag flow. The variations in conveying mechanisms cause different mixing and heat

transfer behavior in the forward and reversed elements, leading to different trends of

conversion ratio along the axial length.

5.1.7 Effect of Reaction Heat on Polymerization in Conveying Elements

As discussed in the previous sections, the heat from reaction plays a critical role in the

polymerization progression. In the polymerization of c-caprolactone, one important

characteristic is that the heat from reaction is quite high, about 250 kJ/kg. For example,

the reaction heat for the polymerization of polyamide 6 is about 110 kJ/kg. This section

focuses on the results of the effect of reaction heat on polymerization progression in

conveying elements; the values of reaction heat of the model system were assumed to be
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250 kJ/kg, and 100 kJ/kg, respectively. The increase of conversion ratio along the axial

length with different values of reaction heat, and various operational conditions, are

summarized in Figures 5.27 — 5.30.

Figure 5.27 demonstrates the trends of conversion ratio along the axial length in

SE20F with different values of reaction heat at [MV[I]o = 800, T = NN0 K, and C o = 0, in

which symbol "Aso" denotes isothermal conditions of reaction, i.e. the system remains at

a constant temperature NN0 K during the polymerization. This is very close to the case in

which the heat from reaction is zero, considering that viscous dissipation in this system is

small. At is seen from Figure 5.27 that the effect of the values of reaction heat on the

polymerization is significant: the reaction is accelerated with increasing reaction heat.

Furthermore, the variation in conversion ratio at different screw rotational speeds

becomes small when the reaction heat drops.
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Figure 5.28 shows that the effect of screw rotational speed on the increase in

conversion ratio in SE20F is negligible when the reaction heat is 100 kJ/kg, at [Win =

NOO, T = NO5 K and C o = O, and the conversion ratio at channel exit (Z = O.12 m) is about

one third of that with a reaction heat of 250 kJ/kg.

Figure 5.29 reveals that the polymerization with a reaction heat, H = 250 kJ/kg, is

much faster than that with H = 100 kJ/kg, especially at low screw speed. However, both

geometry of conveying elements (i.e. screw pitch) and screw rotational speed have

insignificant effects on the polymerization at H = 100 kJ/kg.

Figure 5.3O indicates that the variation in conversion ratio with different values of

reaction heat is small when the inlet conversion ratio is O.6, which is less pronounced

than that with a zero inlet conversion (Figure 5.27). This can be attributed to the fact that

the reaction heat is the dominant energy source in the case with a zero inlet conversion

ratio, whereas viscous dissipation plays an important role when the inlet conversion is

0.6.
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The above discussion indicates that the value of reaction heat is an important

factor in the polymerization. As the value of reaction heat decreases, the effect of screw

pitch and screw rotational speed on the polymerization progression in conveying

elements becomes less significant, particularly, at an inlet conversion ratio of zero. This

implies that it is important to introduce a 3-D model in the simulation of the

polymerization with a large heat from reaction, such as polymerization of oft-caprolactone.
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5.2 Comparison of Simulation Results Based on 1-D and 3-D Models

In this section, the simulation results from 3-D model are compared with those based on

1-D model. As discussed in Chapter N, the simulation results from 1-D model depend

largely on the heat transfer coefficient at the wall. Hence, the effect of heat transfer

coefficient on reaction progression predicted with 1-D model is also discussed.

Figure 5.31 displays the effect of simulation methods, i.e. 1-D model or 3-D

model, on the increase in conversion ratio along the axial length, at [MV[A]o = NOO, and T

= NO5 K. At is seen that the conversion ratios based on 3-D model are larger than those

obtained from 1-D model, even with a heat transfer coefficient of zero at the barrel

surface. That is, the reaction progression obtained from 3-D model is faster than that

predicted from 1-D model with adiabatic conditions at the barrel surface. This is due to

the fact that the reaction is a very fast one at [MV[I]o = NOO. The large reaction heat is

hardly transferred out through the barrel surface at a short time, leading to a non-uniform

temperature distribution at the axial cross section. This indicates that temperature is very

high in some regions, where the reaction is further accelerated. As a consequence, the

polymerization based on 3-D model is faster than that from 1-D model with an adiabatic

condition at walls. In the latter, the temperature at the axial cross section is assumed to be

uniform.

Figure 5.31 also shows that in simulation with the 1-D model, the values of heat

transfer coefficient at the barrel surface have an insignificant effect on the increase of

conversion along the axial length. This is attributable to the fact that the heat from

reaction is so large that the heat transfer at the wall is not an important factor in the

polymerization progression.
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Figure 5.32 shows that at N8 rpm, the conversion ratios from 3-D model are

higher than those from 1-D model with adiabatic conditions at the barrel surface, at

[MV[A]0 = 800, T = NNO K, and Co = 0. However, at 287 rpm, the conversion ratios based

on 3-D simulation are much lower than those from 1-D model, even when a heat transfer

coefficient of NO0 W/m2 K is used. This is because, at low screw speed, the transverse

mixing is weak, which results in a poor heat transfer at the barrel surface. At high screw

speed, the heat loss at the barrel surface based on the 3-D model would be larger than that

in the 1-D model, as explained in the following.

As presented in Chapter N, the heat transfer at the barrel surface in 1-D model is

given by:

where q is the heat flux; Tb is the barrel temperature, and T. f the average temperature of

fluid. h is the heat transfer coefficient at barrel surface, which depends on convection of
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the fluid near the wall, and the heat conductivity of the fluid. However, in 1-D modeling,

h is usually given as a constant, independent of the polymerization progression.

When 3-D model is applied, the heat flux at the barrel surface takes the form:

where k is the heat conductivity of the fluid; the temperature gradient is evaluated based

on the fluid temperature near the barrel surface:

where Tel is the fluid temperature in the layer next to the barrel surface, and A is the layer

thickness. Due to the large reaction heat, the fluid temperature in the layer next to the

barrel surface can be high. Consequently, the heat loss at the barrel surface during

polymerization based on 3-D model would be larger than that in 1-D model.
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As shown in Figure 5.33, when the temperatures at barrels and inlet are set to N10

K, and the inlet conversion ratio is O, the conversion ratio obtained from 3-D model at

287 rpm is much lower than that from 1-D with a heat transfer coefficient, h = NO0 W/m 2

K, at the barrel surface. This is similar to the trends shown in Figure 5.32. At N8 rpm, the

conversion ratio from 3-D model is very close to that based on 1-D model with h = NO0

W/m2 K, but is lower than that from 1-D model with h = 0 W/m2 K. On the other hand,

Figure 5.32 already shows that the conversion ratio from 3-D model is higher than that

from 1-D model with h = 0 W/m 2 K, when the inlet and barrel temperatures are NN0 K.

The divergent trends in these two cases indicate that the 1-D model, developed based on

the assumption of uniform temperature/conversion distribution at axial cross sections of

the flow channel, cannot predict the complex mechanisms of reaction and energy

generation in the reactive extrusion correctly.
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Figure 5.3Na shows that at an inlet conversion of 0.6, the conversion ratio from 3-

D model at N8 rpm is very close in magnitude to that from 1-D model with a heat transfer

coefficient, h = NOO W/m2 K. At 287 rpm, the conversion ratios from 3-D model are

slightly higher than those from 1-D model with an adiabatic condition (h = 0 W/m 2 K).

This can be interpreted with the fact that the energy generation from viscous dissipation

in 3-D model is enhanced at high screw speed. As discussed previously, viscous

dissipation is an important factor for reaction when the inlet conversion ratio is O.6.
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When the screw diameter is increased to 68 mm from 3N mm, the difference in

conversion ratio at N8 rpm based on 3-D model and 1-D model with a heat transfer

coefficient of NO0 W/m 2 K at walls, is small. However, the difference between 3-D and 1-

D results at 287 rpm is very significant. Furthermore, the variation in conversion ratio

between 1-D and 3-D models at 287 rpm with D = 68 mm is much larger than that with D

= 3N mm. This implies that the application of a 1-D model in the simulation of

polymerization in large machines is not reliable.

The comparison of conversion ratio profiles between 1-D and 3-D models along

the axial length at [MV[I]o = NO0 with a reaction heat, H, of 100 kJ/kg is presented in

Figure 5.35. It is seen that that the difference in conversion ratios based on 3-D model

and 1-D model at H = 100 kJ/kg is negligible, and is smaller than that with H = 250 kJ/kg

(see Figure 5.31). Similarly, the variation in conversion ratios between 1-D and 3-D

models at MV[I]o = 800, T = NN0 K and C o = 0 with H = 100 kJ/kg (Figure 5.36) is

smaller than that with H = 250 kJ/kg (Figure 5.32). This can be explained by the fact that

the decrease in heat from reaction slows down the increase in temperature along the axial

length. As a sequence, the temperature in the axial cross section becomes much uniform

with decreasing heat from reaction. Accordingly, the characteristics of the non-isothermal

process in the conveying elements predicted by the 3-D model approach those obtained

from the 1-D model. This suggests that it could be feasible to apply the 1-D model in

predicting polymerization when the heat from reaction is low.

Figure 5.37 shows the effect of simulation methods, 1-D and 3-D models, on the

average conversion ratio at [MVMo = 800, T = NN0 K, and C o = 0.6, along the axial

direction, with a reaction heat, H, of 100 kJ/kg, and 250 kJ/kg, respectively. At a screw
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speed of N8 rpm, the difference in conversion ratio between 3-D model and 1-D model

with a heat transfer coefficient of NO0 W/m 2 K is smaller at H = 100 kJ/kg than that with

H = 250 kJ/kg. However, the difference is very large at 287 rpm. This is due to the fact

that viscous dissipation at 287 rpm is much larger than that at N8 rpm. This again

confirms that viscous dissipation is a vital energy source for the polymerization at 287

rpm; the heat from reaction is important at N8 rpm, in which viscous dissipation is weak.
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5.3 Conclusions

In this chapter, the results of numerical simulation with a 3-D model of the

polymerization of c-caprolactone in fully-filled conveying elements were presented. The

effects of screw geometries, screw rotational speed, and initiator concentration on

polymerization kinetics were discussed. The results show that the polymerization kinetics

in the conveying elements is very complex. The extent of polymerization is the result of

competition among such factors as residence time, heat transfer at the barrel surface,

viscous dissipation, and heat from reaction. Consequently, the flux-mixing coefficient,

which represents the axial mixing of mass in the conveying element, is not sufficient to

evaluate the reaction progress; the heat generation, and heat transfer mechanisms, should

be incorporated into the evaluation of mixing intensity. Accordingly, two indices,

temperature mixing coefficient, and conversion ratio mixing coefficient, have been

introduced for the first time to describe the extent of axial mixing during reactive
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extrusion. Furthermore, the transverse mixing during reactive extrusion is evaluated with

the ratio of pressure flow rate to net flow rate.

The dependence of polymerization of c-caprolactone in the conveying elements

on screw rotational speed, temperatures at inlet and barrel surface, pitch of conveying

elements, initiator concentration, and screw diameter, can be interpreted in terms of the

energy balance during the reaction, which is illustrated in Figure 5.38.

Figure 5.38 Factors affecting polymerization in conveying elements.

When the reaction system has a low viscosity (say, when the inlet conversion ratio

is O), the viscous dissipation is not a key factor in the energy balance, whereas the heat

from reaction is the dominant factor. With decreasing screw speed, the heat loss at barrel

surface drops, and the reaction would be accelerated. On the other hand, when the system

has a high viscosity (say, when the inlet conversion ratio is O.6), the viscous dissipation
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plays an important role in the energy generation, which drops at low screw speed.

Accordingly, the reaction is slow at low screw speed. When the reaction heat is low, the

effect of screw speed on polymerization becomes small, especially for the system with

low viscosity.

The comparisons of simulation results, based on 1-D model, and those based 3-D

model, show that the reaction progress based on 3-D model at low screw speed (i.e. N8

rpm) is similar to that based on the 1-D model, however, the difference is quite

significant at high screw speed (say, 287 rpm). This can be attributed to the fact that at

high screw speed, the back-mixing and heat transfer at the barrel surface are very

complex, factors not considered in the 1-D model. On the other hand, it is found that the

value of heat from reaction is an important factor to the polymerization. The difference in

simulation results between 1-D model and 3-D model becomes small when the value of

heat from reaction decreases.

The polymerization would be fast when the size of the extruder is enlarged. This

can be explained by that the heat transfer through the barrel surface is poor in large

machines; temperature is very high in some regions, where the polymerization is

accelerated. The 1-D model fails to predict the polymerization in the large machine

because, unlike the 3-D model, it assumes that the temperature is uniform at the axial

cross sections. The 3-D model is a valuable tool in optimizing the reactive extrusion in

large extruders.



CHAPTER 6

PARAMETRIC STUDY OF POLYMERIZATION OF
c-CAPROLACTONE IN KNEADING BLOCKS

The kneading block is a mixing element in co-rotating twin-screw extruders, which offers

not only excellent distributive mixing, but also good dispersive mixing, as described in

Chapter 1. Unlike the conveying elements having a continuous flight, kneading blocks

are configured with individual profile discs to form a geometrically discontinuous unit.

The intensities of distributive mixing and dispersive mixing in kneading blocks depend

on not only the individual disc width and stagger angle, but the feeding rate and screw

rotational speed as well.

An this chapter, numerical simulation results based on a 3-D model of

polymerization of s-caprolactone in different kneading blocks are presented, and are

compared with those in the conveying elements. The kneading blocks can be forward,

reversed, or neutral, as shown in Figure 6.1, and Table 6.1. They are built with 16 pieces

of kneading discs. The dimension of kneading blocks used in the simulation is listed in

Table 6.2. When the diameter of kneading blocks is scaled up, i.e. from 3N mm to 68 mm,

the disc width is doubled, but the stagger angle remains constant.

Similar to the treatment of the conveying elements, and described in Chapter 5, an

extensional disc with a length of 20 mm is added at the end of the kneading block, in

order to ensure that the iteration easily reaches convergence during the simulation. The

boundary conditions for the simulation are listed in Table 6.3, in which the effects of

screw rotational speed, initial conversion ratio at the inlet, and temperature on

polymerization in kneading blocks are studied. The barrel surface is assumed to maintain
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constant temperature during the reaction. The conversion ratios at the wall surfaces and

the exit of the simulation domain are assumed to have a zero gradient, and the flow is

fully developed at the exit. The 3-D mesh of the kneading blocks used in FLUENT is

generated with NO3,200 8-node, brick elements. For instance, Figure 6.2 shows the mesh

of KB3O. In the simulation, the reversed kneading blocks have the same mesh as the

forward ones, but they rotate in a direction opposite to that of the forward elements.
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6.1 Simulation Results for Polymerization in Kneading Blocks with 3-D Model

Figure 6.3 shows the top view of conversion ratio distributions at kneading block

surfaces, in which the reaction system is conveyed from left to right. At is seen that the

transition trend of conversion ratio from low to high value (from blue to red, in color)

varies in different kneading blocks. An the regions near the inlet, KB9O has a slow

increase in conversion ratio than KB3OF. However, in the region close to the outlet, the

conversion ratio is higher in KB90 than in KB30F.

The conversion ratio profiles at the middle plane of kneading disc No.10 in

KB30F (see Figure 6.1a) and KB90 at 287 rpm are shown in Figure 6.N. The axial

coordinate of the middle planes of kneading disks are listed in Table 6.4. Figure 6.N

shows that the distribution of conversion ratio is not uniform at the axial cross sections.

An KB30F, the conversion ratio is higher in the middle of the channel than other regions,

whereas in KB9O, the high conversion is located near the barrel surface.



As discussed in Chapter 5, the distribution of conversion ratio at the axial cross

section of screw elements can be characterized with the area weighted function of

conversion ratio (Equation 5.1). Figure 6.5 shows the calculated area-weighted

distributions of conversion ratio at the middle plane of kneading discs No.7, No.10 and

No.14 in both KB3OF and KB9O. It is found that the distribution of conversion ratio is

broader in KB3OF than in KB90. Furthermore, in the axial cross sections with Z =

0.04875 m and Z = 0.07125 m, the averaged conversion ratio in KB3OF is higher than

that in KB9O.

The broader distribution of conversion ratio in KB3OF can be interpreted with the

flow mechanism of the reaction system in kneading blocks. Figure 6.6 shows the positive

axial velocity profiles at the middle plane of kneading disc No.10 in KB3OF and KB9O,

in which the negative (upstream) velocity contour is not displayed in order to increase the
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clarity of plots. The contour plots in Figure 6.6 reveal that the maximum positive axial

velocity in KB3OF is much higher than in KB9O, which suggests that the residence time

distribution in the former should be broader than in the latter. This indicates that the

distribution of conversion ratio may be correlated to the residence time distribution.
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Figure 6.6 also shows that KB3OF has a much smaller fraction of the cross

sectional area with positive (i.e. downstream) velocity than KB60F. Moreover, the regions

with upstream velocity (i.e. the areas hatched with grid, but not filled with colors in

Figure 6.6) are located in the areas with high conversion ratio (see Figure 6.N). This

implies that the back-flux carries fluid elements with high conversion ratio upstream,

leading to a rapid increase in conversion ratio in the upstream. This mechanism is similar

to that in the conveying elements, as discussed in the preceding chapter.

Figure 6.7 summarizes the increase in conversion ratio along the axial length in

kneading blocks with different configurations at N8 rpm, and 287 rpm. These curves

show that the conversion ratio at N8 rpm has a faster increase than that at 287 rpm, which

is consistent with the simulation results in the conveying elements (see Figure 5.16a).

This confirms that the reaction relies not only on the mixing mechanisms, but also on the

heat transfer and heat generation of the reaction system. Because the heat loss through the

barrel surface drops with decreasing screw speed, the reaction system has a high

temperature and a fast increase in conversion ratio at low screw speed.

Figure 6.7 reveals that the conversion ratio in KB3OF is higher than that in

KB6OF. This can be interpreted in terms of the values of flux-mixing coefficient (see

Equation 5.3). As shown in Figure 6.8, the flux-mixing coefficient is larger in KB3OF

than in KB6OF. On the other hand, Figure 6.7 also shows that at 287 rpm, the trends of

conversion ratio along the axial length in KB9O are different from those in KB30F and

KB60F: in regions near the inlet, KB60F has the lowest conversion ratio, but it has a fast

increase in the middle of the axial length. However, the flux-mixing coefficients in KB90

are much lower than those in KB30F and KB60F, as shown in Figure 6.8. This is
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explained by the fact that the polymerization in kneading blocks is dominated not only by

the back-flow ratio, but the heat transfer and mixing mechanisms as well.



105

Y = 0 m in the middle plane of Z = 0.0N875 m (denoted as mid-line in disc No.7 in

Figure 6.1a) at 287 rpm are plotted in Figure 6.9. As shown in Figure 6.9a, the tangential

velocity could be positive or negative in KB3OF. This indicates that in the axial cross

section, some fluid elements move in the same direction as the screw rotation; the others

move in the opposite direction to the screw rotation. However, in the cross section of

KB9O, all of the fluid elements travel in the same direction as the screw rotation.

Consequently, more intensive transverse mixing occurs in KB3OF than KB9O. Moreover,

Figure 6.9a shows that the velocity gradient near the barrel surface is larger in KB3OF

than KB9O. This implies that the convection of fluid elements near the barrel surface is

more intensive in the former than the latter, which would result in a larger heat loss

through the barrel in KB3OF.
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the latter (i.e. higher conversion ratio in KB3OF, as shown in Figure 6.5). However, the

temperature gradient near the barrel surface in KB30F is much larger than that in KB9O,

leading to a more pronounced heat loss through the barrel. As a consequence, the large

increase of conversion ratio in the middle of the axial length in KB90 at 287 rpm, as

shown in Figure 6.7, could be explained by the poor heat transfer near the barrel surface,

although its axial and transverse mixing intensities are lower than those in KB30F.

On the other hand, Figure 6.7 shows that the large increase in conversion in KB9O

at 287 rpm does not occur at N8 rpm. The possible reason is as follows. At N8 rpm, both

the heat loss at the barrel surface, and the mixing intensity of fluid, are very weak. As

discussed in the preceding paragraph, KB9O has poorer heat loss through the barrel than

KB30F. Meanwhile, Figure 6.8 shows that the flux-mixing coefficient is the largest in

KB3OF, and the lowest in KB9O. That is, compared with KB9O, KB30F has much

pronounced mixing intensity and heat loss. The former favors reaction, but the latter

hinders it. At current simulation conditions, the competition between mixing intensity

and heat loss lead to a faster polymerization progression in KB30F than in KB9O.

Furthermore, most of the heat from reaction is retained in the reaction system because of

the poor heat loss through the barrel. An KB3OF, the large heat from reaction could further

accelerate the polymerization progression.

The trends in conversion ratio along the axial length in both forward and reversed

kneading blocks are demonstrated in Figure 6.10. These plots show that the effect of the

helical angle, forward or reversed, of kneading blocks upon the polymerization is not

very significant. At 287 rpm, the conversion ratio has a slightly faster increase in the

reversed elements than in the forward elements. At N8 rpm, globally, the reversed
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elements have slightly slower increase in conversion ratio than the forward ones. The

possible explanations for these trends are discussed in the next section (see Figure 6.13a).

Figure 6.11 shows the increase of conversion ratio along the axial length in different

kneading blocks at an inlet conversion ratio of O.6, and T = N20 K. It is seen that the

conversion ratio drops with decreasing screw rotational speed, which is similar to that in

conveying elements (see Figure 5.17a). Furthermore, Figure 6.11 shows that at 287 rpm,

the conversion ratio in KB90 has a rapid rise in the middle of the axial length; however,

such a rapid rise does not occur in KB90 at N8 rpm. These phenomena are similar to those

presented in Figure 6.7. Here, the rapid increase in conversion ratio in KB9O at 287 rpm

is attributable to the large viscous dissipation at high screw speed.
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Figure 6.12 demonstrates the trends of conversion ratio along the axial length in

both forward and reversed kneading blocks at 287 rpm, and N8 rpm. At 287 rpm, the

conversion ratio has a much faster increase in the reversed kneading blocks than in the

forward ones, whereas at N8 rpm, the difference in conversion ratio between the forward

and reversed kneading blocks is negligible.

Figure 6.13b illustrates the distributions of conversion ratio in both reversed and

forward kneading blocks. At 287 rpm, the reversed kneading block has a broader

distribution than the forward one, whereas the distribution at N8 rpm has similar

magnitudes in both cases. This can be attributable to the different velocity profiles, which

represents the conveying and mixing mechanisms, in the forward and reversed kneading

blocks. As displayed in Figure 6.13a, the axial velocity profiles are broader at higher

screw speed. At N8 rpm, the velocity profile in the forward kneading block has almost the

same shape as that in the reversed one. However, at 287 rpm, the difference in velocity

profiles between the forward and reversed elements is significant. The variation in
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velocity profiles changes the residence time distribution and mixing mechanism of the

reaction system in kneading blocks, and further alters the temperature profiles and

conversion ratio distributions.
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6.1.3 Scale-up Polymerization at [M]/[I]. = 800, T = 420 K, C o = 0.6 in Kneading
Blocks

Figure 6.14 summarizes the increase of conversion ratio along the axial length with screw

diameter of 3N mm and 68 mm, respectively. Figure 6.1N shows that the conversion ratio

increases faster with increasing screw diameter. This is due to the fact that the heat loss at

barrel surface is weaker and the non-uniformity of temperature in the screw channel

becomes more pronounced at D = 68 mm than D = 3N mm, as discussed in the preceding

chapter (see section 5.1.5). Furthermore, at D = 68 mm, the effect of kneading block

configurations on polymerization progression is smaller than that at D = 3N mm. This

suggests that at D = 68 mm, the heat loss at barrel surface and the temperature non-

uniformity play more important roles than the kneading block configurations.
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6.2 Comparison of Polymerization in Conveying Elements and Kneading Blocks

Figure 6.15 demonstrates the comparison of conversion ratio profiles in kneading blocks

and conveying elements at T = N10 K and D = 3N mm. At 287 rpm, the conversion ratio

is higher in the kneading blocks than the conveying elements, but this trend is reversed at

N8 rpm. The possible explanation is as follows. As discussed in the preceding chapters,

the reaction progression depends on the competing result among the heat from reaction,

viscous heating and heat loss through the barrel. Because the conversion at the channel

inlet is zero, viscous heating is not an important energy source to reaction. Meanwhile,

both the heat loss through the barrel and the heat from reaction enhance with increasing

mixing intensity of fluid in screw elements, which further relies on the geometry of the

screw element and operational conditions. Accordingly, the competition between the

heat generation and heat loss in kneading blocks could lead to different results, compared

with that in conveying elements, even at an identical screw rotational speed. Thus, the

effect of screw geometry, i.e. conveying elements or kneading blocks, on the trends of

conversion ratio along axial length could diverge at different screw rotational speeds.

On the other hand, when the inlet conversion ratio is 0.6, as shown in Figure 6.16,

the screw element geometry has a very little effect on the conversion ratio profiles at N8

rpm. At 287 rpm, the conversion ratio increase in conveying elements is faster than that

in the forward kneading blocks, but are lower than that in the neutral kneading block (i.e.,

with a stagger angle of 90°). There are two possible reasons for this phenomenon. First,

the velocity gradient in fluid near the barrel surface is smaller in the conveying elements

than the kneading blocks, as displayed in Figures 5.1Ob and 6.9a, which causes a larger

heat loss in the latter. Secondly, as shown in Figure 6.17, the shear rates in conveying
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elements are higher than those in kneading blocks at identical screw speed. This indicates

that viscous dissipation in kneading blocks could be lower than that in conveying

elements, although the former have more intensive mixing capacity. In the current case,

viscous dissipation is a critical energy source in reaction. Consequently, the competition

between viscous dissipation and heat loss at the barrel surface makes the reaction in the

forward kneading blocks slightly slower than that in the conveying elements at 287 rpm.

The large increase in conversion ratio in the neutral kneading block (KB9O) at 287 rpm is

due to the small heat loss at the barrel surface, as presented in Figure 6.9a.
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Figure 6.18 shows the effect of geometry of screw elements on polymerization

with a screw diameter of 68 mm, at 287 rpm, when the inlet conversion is O.6. This plot

indicates that SE12OF has a much higher conversion ratio than KB3OF and KB9O,

whereas the conversion in SENOF is larger than that in KB30F, but lower than that in

KB9O. Compared with a screw diameter of 3N mm (as shown in Figure 6.16a), the effect

of element geometry on polymerization is less significant at large screw diameters,

because the heat loss at the barrel surface is so low that the non-uniformity of

temperature in the screw elements might be more important than the back-mixing.
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6.3 Conclusions

In this chapter, the polymerization of E-caprolactone in various kneading blocks was

simulated with a 3-D model, and compared with those in conveying elements. Similar to

the conclusions on the studies of reactions in the conveying elements, discussed in the

preceding chapter, it has been found that the polymerization progression in kneading

blocks not only depends on the mixing mechanisms, but also on both the heat generation

in the reaction system and the heat loss at barrel surface.

The trends of conversion ratio in the neutral kneading blocks (KB9O) would be

different from those of forward and reversed kneading blocks, due to the low heat loss at

barrel surfaces. Generally, the conversion ratio in KB9O has a faster increase than those

in the forward kneading blocks, especially at high screw speed. The conversion ratio in

the reversed kneading blocks may either have a faster, or a slower increase than those in

the forward kneading blocks, depending on the conditions of reaction. The effect of

screw element geometry, i.e. kneading blocks and conveying elements, on polymerization

progression could be significant, relying on the conversion ratio at the let or screw

rotational speed.

After scaling up diameter of the kneading blocks, the polymerization becomes

faster. Furthermore, the difference in conversion ratio in kneading blocks and conveying

elements is less pronounced with increasing diameter. This is attributable to the low heat

loss at the barrel surface and the pronounced non-uniformity of temperature in the screw

channel.



CHAPTER 7

GLOBAL MODELING AND SCALING UP POLYMERIZATION
IN TWIN-SCREW EXTRUSION

When an extruder is used as a polymerization reactor, generally, liquid monomers are fed

into the feeding zone, instead of resins in granules or pellets. As mentioned in Chapter 3,

the screw channel in a twin-screw extruder is either partially-filled or fully-filled. In the

previous two chapters, polymerization of E-caprolactone in fully-filled conveying

elements and kneading blocks was simulated with a 3-D model. An the present chapter,

the simulation method for a partially-filled channel is first discussed, followed by the

global simulation of polymerization in a twin-screw extruder. The simulated results are

then compared with experimental data. Finally, the scaled up polymerization in twin

screw extruders is discussed.

7.1 Polymerization in Partially-Filled Channels

According to Janssen (79), twin-screw extruders can be divided into two types: (1) those

with positive conveying as the main transportation mechanism, such as in counter-

rotating intermeshing twin-screw extruders, and (N) those with drag flow as the main

transportation mechanism, such as in co-rotating twin-screw extruders. When the screw

channel is partially-filled, the degree of fill, E, is defined as:
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where Q is the volumetric flow rate, and Q. is the maximum conveying capacity of the

screw element. Accordingly, the residence time for materials in the partially-filled region

is given as:

where t and tj represent the residence time when the channel is partially- and fully-

filled, respectively. Bat  is the volume of the screw channel, and B pr the volumetric flow

rate per revolution.

The distribution of fluid in the partially-filled screw channel has two possibilities:

materials either remain at the bottom of channels or are dragged up by the pushing flight,

depending on the relationship between gravitational force and viscous force. The

gravitational force can be evaluated by the Froude number, F r, and the viscous effect by

Revnnlric number Re•

in which V is the average velocity of material in the screw channel; Hch is the depth of

the channel, and g the gravitational constant; i1 and p are the viscosity and density of the

fluid, respectively. The ratio between these two dimensionless numbers is known as

Jeffrey's number (80):



When Jr is larger than a certain value, the viscous force dominates the gravitational force.

However, this is only true when the centrifugal force is neglected. When the extruder

runs at high speed and the screw diameter is large, the centrifugal force could become a

dominant force, which pushes the materials to leave the screw flight.

When the reaction system has low viscosity and is located at the bottom of

barrels, the fluid elements are conveyed downstream by the positive displacement

mechanism. Consequently, the maximum conveying capacity of the screw channel, Qmax

in Eq. 7.1, is given as:

where N is the screw rotational speed in revolution per second.

When the reaction system has sufficiently high viscosity, it will stay at the push

side of the flight. Accordingly, the maximum conveying capacity of the screw elements is

achieved with drag flow mechanism,

where n is the screw tip number, and A is the cross sectional area of a screw channel. Az

is the velocity along the screw channel, and y the helical angle of the flight. Because the

conveying capacity based on the positive displacement (Eq. 7.7) is much larger than that

based on the drag flow mechanism (Eq. 7.8), the residence time of materials would be

shorter when located at the bottom of barrels than those occupying the push side of the

flight.
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The simulation results in the previous two chapters indicate that in the fully-filled

forward screw elements, both the back-flux and the heat transfer at barrel surfaces play

important roles in determining the polymerization progress. It is known that in the

partially-filled channel, the pressure gradient along the axial length is zero. This suggests

that there is no axial mixing. However, transverse mixing still exists because of the

pushing effect of the screw flights, although it is much weaker than that in the fully-filled

case. In the current study, a drag flow model and a chamber model are proposed,

respectively, to predict the polymerization progression in the partially-filled channel with

materials attached to the flight (Figure 7.1), and with materials occupying the bottom of

the barrel (Figure 7.N).

When the polymeric materials occupy part of the screw channel, some free

surfaces are formed, as shown in Figures 7.1. The shape of the free surface is so complex

that it is not easily predicted. In this study, the free surfaces are assumed to be straight

planes, either vertically (Figure 7.1) or horizontally (Figure 7.Na).

The 3-D model for the partially-filled channel with materials attached to the screw

flight is shown in Figure 7.1. Here, the curved screw channel is unwrapped into a plane.

The barrel is fixed, and the screw channel is moving at a velocity of V z , given by Eq. 7.9.

The free surface is assumed to be parallel to the YZ plane. As a consequence, the cross

sectional area filled with materials can be determined by the geometry of the conveying

element, and the degree of fill. The length of the simulation domain, AL, is given by:
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where AZ is the axial length of the partially-filled zone. Similar to what has been

assumed in the simulation of the fully-filled screw elements, the barrel has a constant

temperature and the screw has adiabatic conditions. The free surface is assumed to have

symmetric conditions for velocity and adiabatic conditions for energy.

Figure 7.1 Models for partially-filled channels with materials located at pushing flight.

Considering the fact that materials in the screw channel are conveyed with the

drag flow mechanism, the 3-D drag flow model presented in Figure 7.1 can be further

simplified into a N-D model. The application of a 2-D model in simulation of reactive

extrusion is exposed in detail elsewhere (38-39). At should be noted here that in the N-D

modeling, the width of the channel and the velocity of the moving screw surface should

be calculated based on the degree of fill, screw rotational speed, flow rate and geometry

of the screw channel.

An the above discussions, the leaking flow in the gaps between the screws and

barrels is not included. When leaking flow is taken into consideration, the degree of fill in
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the screw channel and the residence time should rise. The leaking flow rate over the

screw flight is given as (23):

where 6 is the gap between the screw and the barrel. Hence, in calculating the degree of

fill based on Eq.7.1, Q should be replaced by (Q + VLF),

The average residence time is also corrected to be:

where V. is the volume of the flight. In the 3-D modeling, the correction of the residence

time is achieved by adjusting the length of the simulation domain,

Figure 7.2 presents the 3-D chamber model when the materials stay at the bottom

of the barrel. The reaction system in a chamber is conveyed forwardly with the positive

displacement mechanism. For example, the reaction system initially located at chamber

No.1 is conveyed to the location of chamber No.3 due to the screw rotation, as shown in

Figure 7.Nb. However, there is no exchange of materials between chambers if the leaking

flow is neglected. Consequently, when the reaction system occupies the bottom of the

barrel, the polymerization can be predicted with tracing the reaction progression in a

chamber, i.e. the chamber model.



In the chamber model shown in Figure 7.Nc, the temperature and reaction

progression of the reaction system in the chamber are functions of time. Hence, the

polymerization in a chamber can be calculated by tracing the flow, temperature profile

and the degree of reaction at different time. Because the residence time of the reaction

system, located at the bottom of barrel, is very short, the increase of

temperature/conversion is small. Thus, the effect of simulation method may not have a

significant on the simulation results. Consequently, it is feasible to use a simplified
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model, such as 1-D model or N-D model, to predict the reaction progression instead of the

chamber model.

7.2 Global Simulation of Polymerization in Twin-screw Extruders

As discussed in Chapter 3, a reversed calculation procedure is used in the simulation of

reaction in twin-screw extruders: the calculation starts from the die, and then goes to the

upstream elements. Studies in the reactive extrusion with twin-screw extruders (25-32)

show that the average residence time in the extruder does not change significantly due to

the reaction. This indicates that the distribution of materials along the screw relies on

operational conditions, such as feeding rate, screw speed and screw configuration, almost

independent of viscosity of the system. This can be explained with the simulation results

in the present study. As shown in the previous chapters, the pressure gradient in the fully-

filled screw elements depends on the advancement of the reaction, because the viscosity

of the system increases with reaction progression. Accordingly, the progress of reaction

has a significant effect on pressure and pressure gradient, but not on the length of the

fully-filled zones. This implies that the distribution of materials along the screw during

reaction can be predicted with a non-reaction system, with a reasonable accuracy.

In the current study, the simulation of polymerization of e-caprolactone in a co-

rotating twin-screw extruder was carried out as follows:

1. Use a 3-D Newtonian, isothermal model to calculate the pressure gradient in the

reversed elements and die, and their upstream screw elements under a certain

operational condition;
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2. Assuming that the die and the reversed elements are fully-filled, calculate the length

of fully-filled zone in the elements at the upstream of die and/or reversed elements,

based on the equilibrium of pressure;

3. Calculate the degree of fill in the partially-filled zone, and the average residence

time in both partially-filled and fully-filled zones; then

N. Starting the numerical simulation from the feeding point of the mixture of monomer

and initiator, calculate the temperature and conversion ratio forwardly, with the 3-D

simulation model for the fully-filled zones and 1-D or N-D model for the partially

filled channels.

7.3 Validation of Simulation of Polymerization in Twin-screw Extruders

In this section, the simulation results based on the method proposed in the previous

section are compared with Vergnes' experimental data (25). An their study,

polymerization of E-caprolactone was carried in a Leistritz LSM 30-3N co-rotating twin-

screw extruder. A slit die having a width of 50 mm, NN mm long and a gap of 2 mm, was

fixed at the end of the extruder. The screw profile is given in Table 7.1. The ratio of

monomer to initiator, [MVMo was 1000. The barrel temperatures were 105°C. The flow

rate was 1.5 kg/hr or 3 kg/br, and screw-rotating speed was 100 rpm.

As discussed previously, the first two steps in modeling of reactive extrusion are

the calculation of the pressure profile, and the degree of fill along the screw, assuming

that die and reversed elements are fully-filled. Table 7.2 summarizes the calculated length

of the fully-filled and partially-filled zones along the screw profile at 100 rpm, based on a

3-D model with an isothermal and Newtonian flow conditions. In the element
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SE20/307.5, the lengths of both fully-filled and partially-filled zones are zero (i.e. there is

no material in this element), because the mixture of monomer and initiator is fed at the

downstream of this element. As shown in Table 7.N, the total fully-filled length in the

forward screw elements is small. Most of the lengths of the forward elements are

partially-filled. This is attributable to the low resistance of the reversed kneading blocks.
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Table 7.3 shows the predicted residence time in the fully-filled and partially-filled

zones along the screw. Because the length of the partially-filled region does not change

significantly at different feeding rates (see Table 7.N), the residence time in the partially-

filled zones almost remains constant with a flow rate either at 1.5 kg/br, or at 3.0 kg/hr.

Thus, Table 7.3 only gives the residence time at the partially-filled zones with Q = 1.5

kg/hr. As shown in Table 7.3, the total residence time in the fully-filled zones decreases

significantly with increasing feeding rate, and it is much higher than that in the partially-

filled zones. Moreover, when the materials are located at the bottom of the barrel, the

residence time is much shorter than that with materials attached to the screw flight. This

is because the materials are conveyed with the positive displacement mechanism when

located at the bottom of the barrel, but drag flow when attached to the screw flight.
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Janssen's study (79) shows that the materials start to attach to the push side of the

flight when the value of Fr/Re is about O.0N:

An the polymerization of c-caprolactone, the density p of the reaction system is about

1000 kg/m3 . At a screw rotational speed of 100 rpm (i.e. 1.667 rps), F r/Re reaches O.0N

when the reaction system has a viscosity of 0.16 Pa-s. This indicates that when the

system viscosity is lower than O.16 Pa-s, the materials prefer to stay at the bottom of the

barrel, which are then conveyed forward by the positive displacement mechanism.

Vergnes's work (25) shows that the viscosity of the reaction system reaches this critical

value of O.16 Pa-s at the reversed kneading block KB37.5/5/30° (R) (see Table 7.1). This

indicates that in the partially-filled zones along the screw, the reaction system is located

at the bottom of barrels prior to this element, and stays at the push side of the flight

beyond this kneading block. An the former, the residence time should be calculated based

on the positive conveying mechanism (Model #1 in Table 7.3), whereas in the latter, it is

predicted with the drag mechanism. Consequently, the total residence time of the reaction

system in the partially-filled zones is about 25 s.

Considering the fact that the residence time in the partially-filled zones is short,

and that there is no axial mixing in the partially-filled channels, the increase in

conversion ratio in the partially-filled zones is much smaller than that in the fully-filled

regions. An this analysis, the increase in conversion in the partially-filled zones is

tentatively neglected; only the conversion increase in the fully-filled zones is calculated.

Similar to what has been done in the previous two chapters, the 3-D mesh for the

fully-filled zones was generated with a C++ code. Figure 7.3 shows the geometry of the
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reversed kneading blocks and their upstream conveying elements, which are fully-filled

in the processing. The mesh for these three sections was generated by 206,080, 147,840,

and 103,0NO brick elements, respectively.

The length of the conveying elements at the upstream of the reversed kneading

blocks in Figure 7.3 was determined based on the calculation results presented in Table

7.2. However, in order to make the mesh generation simple, the length of the fully-filled

zone in the conveying elements was slightly increased, as shown in Table 7.4. It should

be noted here that the small increase in the fully-filled length would raise the residence

time, and thus, partly, make up for the neglected residence time in the partially-filled

zones in the analysis.
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Figure 7.N shows the profiles of conversion ratio along the axial length based on

the 3-D model proposed in the present study, and experimental results from Vergnes (25),

at 100 rpm and at a feed rate of 1.5 kg/br, and 3.0 kg/br, respectively. Globally, the

conversion ratios of s-caprolactone at the die from the 3-D numerical simulation fit well

with the experimental results. This indicates that the numerical simulation method, i.e. 3-

D model, proposed in this study is reliable. Moreover, Figure 7.N shows that the

conversion ratios from the simulation are slightly lower than the experimental results,

which can be interpreted by the fact that the reactions in the partially-filled zones were

neglected in the current analysis.

Figure 7.4 Comparison of conversion ratios along the axial length from simulation and
experiments.
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7.4 Effect of Fully-Filled Length on Polymerization in Reactive Extrusion

An the study of Vergnes (25), the polymerization of c-caprolactone in a twin-screw

extruder was modeled with the 1-D channel model and compared with the experimental

results. The simulation results agree well with the experimental data. Accordingly, the

authors concluded that the application of 1-D model in predicting polymerization in twin-

screw extruders is feasible. However, the simulation results presented in Chapter 5

already showed that the difference in calculated polymerization progression based on 1-D

model and 3-D model can be large, depending on the operational conditions. This implies

that the 1-D model may not predict the polymerization in twin-screw extruders correctly.

Consequently, the question that arises here is: which type of reaction condition is 1-D

model applicable?

The conditions for the polymerization used in Vergnes' work (25) are as follows:

1. The diameter of the screw was 3N mm, in which the channel depth was N.0 mm.

2. The length of fully-filled zone was short. The maximum length of the fully-filled

zone was 65 mm.

3. The variation in temperature along the axial length was small.

An the simulation carried out in Chapter 5, the length of the fully-filled elements

was 120 mm. Thus, the question here is whether the length of the fully-filled zone is a

critical factor, which leads to the deviations in polymerization progression based on 1-D

model and 3-D model.

Figure 7.5 shows the predicted conversion ratios of c-caprolactone along the axial

length in conveying elements with a pitch of N5 mm, and at a length of 20 mm, 60 mm

and 120 mm, respectively. The simulation conditions are as follows. The inlet and barrel
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temperatures were assumed to be 70 °C and 105 °C, respectively. The flow rate was 1.5

kg/hr, and the ratio of monomer to initiator concentration, [M]/[I],„ was 1000. The screw

rotational speed was 100 rpm, and the screw elements were fully-filled.

As shown in Figure 7.5, the profiles of the conversion ratio along the axial length

depend on the length of the conveying elements; the conversion ratio has a faster rise

with increasing length of the elements. For example, the conversion ratio is about O.19 at

an axial location of 0.05 m in the element with a length of 60 mm, whereas it is about

0.26 when the element is 120 mm long. The possible reason for the increase in

conversion ratio in the long elements is that the back-flux brings fluid elements with high

conversion ratio to the upstream.

Figure 7.5 Conversion ratios in conveying elements with different axial lengths. (L
represents length of the simulation domain in 3-D modeling).

Figure 7.5 also shows that the conversion ratio based on 3-D model differs from

that based on 1-D model, with a heat transfer coefficient of NOO JLK 111-2 at the barrel

surface. At is seen that the difference in conversion ratio between 1-D and 3-D model is

small when the element has a short length, say, a length shorter than 0.0N m, whereas it is
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very significant when the element is longer than O.08 m. This is because the large heat

released from the polymerization changes the heat transfer mechanism at the barrel

surface. This indicates that the 1-D channel works well only under certain conditions,

namely, a simulation domain with short axial length.

7.5 Scale-up Polymerization in Twin-Screw Extrusion

In order to elucidate the mechanisms in the scaled-up polymerization in twin screw

extrusion, a numerical simulation was carried out to trace the polymerization of

s-caprolactone in an extruder with a screw diameter of 68 mm, which is twice that studied

in Section 7.3. The condition for the scale up is given in Table 7.5, in which the average

residence time of materials in the extruder remains identical after the scaling up.

Figure 7.6 summarizes the increase in conversion ratio and temperature along the

axial length of the extruder in the polymerization of c-caprolactone at a screw speed of

100 rpm, at a screw diameter, D, of 68 mm and 3N mm, respectively.
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As shown in Figure 7.6a, the conversion ratio has a very fast increase and the

reaction is completed at an axial location of about 2ND at D = 68 mm. However, the

conversion ratio is only about O.6 at the die of the extruder with D = 3N mm. This

indicates that the axial length of the extruder (in unit of D), required to complete the

polymerization, is much shorter with increasing screw diameter. This is due to the poor

heat loss at the barrel surface at large screw diameter. As a consequence, the temperature

has a significant rise with increasing screw diameter. As shown in Figure 7.6b, with D =

3N mm, the temperature of the reaction system is very close to the barrel temperature,
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because the heat from reaction is not large so that most of it can be transfer out through

the barrel. On the other hand, at D = 68 mm, the conversion ratio has a large increase at a

short axial distance (in the fully-filled zone), and the heat from reaction is too large to be

released through the barrel surface, resulting in a large increase in temperature.

The large increase in temperature at a short screw length would cause some

drawbacks for the polymerization, such as degradation of polymeric macromolecules, and

side chain reaction (i.e. branching). This indicates that a good control on temperature

increase is very important in carrying out polymerizations in large extruders. Based on

the simulation results in this study, it is possible to avoid the large increase in temperature

in the large extruders, by the optimization of the screw configuration, operational

conditions, and the cooling system.

At is known that the fully-filled zone in twin-screw extruders is formed due to the

presence of the reversed screw elements, and the length of the fully-filled zone depends

on the configuration of screw element, screw rotational speed and feeding rate. As

discussed in Sections 7.3 and 7.N, the residence time is much longer in the fully-filled

zones than the partially-filled ones, and the reaction becomes fast with increasing length

of the fully-filled zones (see Figure 7.5). This indicates that it is important to reduce the

length of the fully-filled zone, especially when the temperature at its inlet is sufficiently

high, in order to avoid the rapid increase in conversion ratio and temperature.

On the other hand, the enhancement of heat transfer through the barrel or screw

surfaces is also critical to polymerization. This can be achieved by optimizing the design

of cooling systems in the screw or the barrel, or even by designing some specific screw

elements to enhance the mixing andLor the heat transfer at walls.
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7.6 Conclusions

An this chapter, the conveying mechanism in the partially-filled channels was discussed,

and the global modeling of polymerization in a co-rotating twin-screw extruder was

presented. The comparison between the simulation results and experimental data shows

that the conversion ratios of 6-caprolactone based on the numerical simulation agree well

with those from the experiments. This indicates that the 3-D simulation method proposed

in the current study is reliable.

Scaling up polymerization in twin-screw extruders was also investigated with the

3-D model. The simulation results reveal that polymerization is completed in shorter

screw length (in unit of screw diameter, D) with increasing screw diameter. It is also

found that the temperature increase is more significant along the screw length when the

screw diameter is raised, which would lead to some drawbacks for the polymerization. To

solve this problem, an optimization of screw configurations and geometries of screw

elements, operational conditions, and the cooling systems in screws and barrels should be

carried out, in which the 3-D modeling would be a key tool.

The length of the fully-filled zone has a significant effect on the polymerization

progress because of the back-flux. With increasing fully-filled length, the polymerization

is accelerated, and the difference in polymerization progress between 3-D and 1-D

models becomes pronounced. This implies that the 1-D model can only be used under

certain limitations, such as short fully-filled length, small screw diameter, and low heat

from reaction. The 3-D model is a powerful method, which can be applied at various

reaction conditions.



CHAPTER 8

CONCLUSIONS AND RECOMMENDED WORK

Reactive extrusion is an efficient and environmentally-friendly technique for both

polymerization and chemical modification of polymers. However, it is a complex

reaction engineering process that combines the traditionally separated operations of

polymer chemistry (polymerization or chemical modification) and extrusion, into a single

process in a screw extruder. Numerical simulation is a valuable tool in optimizing

reactive extrusions, in improving quality and reducing cost of the products. The

contributions of the current work are:

1. A 3-D model was developed to simulate the polymerization of s-caprolactone in
fully filled conveying elements and kneading blocks, in which the kinetics equation
for polymerization was coupled with continuity equation, momentum equation, and
energy equation. Furthermore, the effects of reaction progression, temperature and
shear rate upon the system viscosity were incorporated into the modeling.

2. Parametric studies have been carried out to investigate the effects of screw
configurations, screw diameter, operational conditions, values of heat from reaction,
initiator concentration, and heat transfer conditions at barrel surface, upon the
polymerization in fully-filled screw elements of co-rotating twin-screw extruders.

3. Two simulation models were proposed based on the distribution of materials in the
partially-filled channels.

4. A global model for reactive extrusion was proposed, combining the models for the
fully-filled elements and the partially-filled channels. The predicted conversion
ratios at the die agree well with the experimental results from the literature,
indicating that the proposed 3-D model for polymerization in twin-screw extruders is
reliable.

5. Three indexes, i.e. flux-mixing coefficient, temperature mixing coefficient, and
conversion ratio mixing coefficient, were defined for the first time, to evaluate the
axial mixing during reactive extrusion; transverse mixing was characterized by the
ratio of pressure flow rate to net flow rate in the axial cross section;

6. Scaling up polymerization in twin-screw extruders was studied with the 3-D model,
and it was found that 1-D model cannot represent the reaction progress well in the

136
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large machines. 3-D model should be used in scaled up polymerization in reactive
extrusion.

The simulation results based on the 3-D model indicate that the polymerization of

6-caprolactone in screw elements depends not only on the mixing mechanism and flow

behavior, but also on the heat generation in the reaction system and the heat transfer at

the barrel surfaces. Furthermore, the flow and mixing mechanisms affect the heat

generation and heat transfer behavior, and vice versa. The increase in mixing intensity

generally accelerates the reaction progress, whereas the rise in heat loss through the

barrel surface slows down the reaction (Usually the reaction system has a higher

temperature than the barrel surface). Consequently, the optimization of polymerization

progress in the fully-filled section of twin-screw extruders can be achieved by matching

the flow and mixing mechanisms with the energy generation and energy loss.

The method commonly used in the simulation of reactive extrusion, i.e. 1-D

channel model, was developed based on the assumption that the reaction system has an

ideal mixing in the axial cross section of the flow channel. However, the numerical

simulation results based on the 3-D model show that neither the temperature, nor the

degree of reaction, is uniform at the axial cross sections in the extruder. The application

of 1-D model in predicting the polymerization in reactive extrusion is acceptable only

under certain conditions, such as in the cases where the screw diameter is small, or the

length of the fully-filled zone is short, or the screw rotational speed and the heat from

reaction are low.

The non-uniformity of temperature in the extruder becomes pronounced when the

dimension of the machine is scaled up, in which the 1-D model might fail in predicting

the reaction progression. This implies that the optimizations of screw configurations,
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operational condition, and cooling system design are extremely important to the

polymerization carried out in large machines, in which 3-D model is a valuable tool.

The modeling of polymerization in co-rotating twin-screw extruders is very

complex, due to the complex flow and mixing behavior, and heat generation and transfer.

An the current studies, it was assumed that the polymerization of e-caprolactone is not

sensitive to distributive mixing, and changes in interfacial areas and shear rate; and the

model based on the quasi-steady state was used to simulate the dynamic motion of fluid

in the twin-screw extrusion. These assumptions could affect the precision of the

numerical simulation results.

The following are the recommended future studies, to address some of the issues

discussed in this thesis:

1. Effect of flow mechanism on reactions in reactive extrusion. The flow in twin-screw
extruders is a combination of shear flow and elongational flow. It is important to
propose a model to include the presence of elongational flow on reaction.

2. Heat transfer mechanism in large extruders during reactive extrusion. Because the
non-uniformity in temperature becomes pronounced in large machines, it is necessary
to study how to increase the heat transfer through barrel and screw surface, and how
to increase the distributive and dispersive mixing in the reaction system.

3. Modeling of reactive extrusion with the dynamic motion of screws. In the current
study, the dynamic motion of screws was approximated with steady state simulation
method. Recently, some technologies, such as Mesh Superposition Technique, have
been developed to mimic the dynamic motion of screws in the extruders. However,
no work has been carried out to check the feasibility of these techniques in the
reactive extrusion yet. At will be a great work if some new mesh generation
technologies can be incorporated into the simulation of reactive extrusion, to
investigate the effect of the dynamic motion of screws on reactions in the extruders.
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